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Abstract

This thesis presents the findings of a model-development study and a design optimization
procedure for a Vacuum Swing Adsorption (VSA) cycle, capable of capturing CO2 from
HyGear’s Steam Methane Reforming (SMR) flue gas. A previously developed dynamic
VSA model has been improved through the addition of an equalization process, which
provides the purity benefits of the common blowdown step without its energy require-
ment and yield trade-off. A mass balance convergence loop has been used to derive a
function for the equalization pressure. As a result, the equalization pressure can be pre-
dicted given the adsorbent material and operating pressures. The validated model was
used to study several influential parameters in the carbon capture process, namely the
duration of individual phases, feed composition, feed velocity, and operating pressures.
These variables have been tested using Activated Carbon and Zeolite 13X as adsorbent
materials. The final design was evaluated based on three performance indicators: >80%
recovery, food-grade purity (>99.999%), and an energy consumption less than 150 kWh/-
ton CO32. This design is based on a CO2/N2/H20 mixture, with 12% CO2 and a relative
humidity of 100%. The presented design is also analyzed for its capital and operational
costs, to derive a total capture cost in €/ton CO3 for the system. In practice, the SMR
flue gas also contains contaminants as NO, and SO, that need to be taken out prior
to the carbon capture process. Hence, complementary purification methods are briefly
discussed in the context of future process development. Overall, this study contributes
to HyGear’s broader goal of providing sustainable blue hydrogen.
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1 Introduction

1.1 Global Warming and the Carbon Cycle

When it comes to limiting green house gas (GHG) emissions to reduce climate change, it is possible
to identify a number of significant polluting industries. From open-access data study by Our World
in Data is was found that that 75% of the global emissions is energy related[1]. To avoid irreversible
damage done to our planet, numerous countries that are member of the International Energy Agency
(IEA) have made zero emission pledges that are summarized in the Net Zero 2050 agreement [2]. These
pledges form a call to action for all industrial sectors to research and develop sustainable alternatives
for their current business-as-usual activities. In other words, this call to action unites a front of actors
to proceed in an energy transition. Besides researching sustainable alternatives it is also important
to find the means to limit GHG of all (industrial) emissions that are currently active. For instance,
the optional pathways for emission reduction of CO2 can be illustrated in a carbon cycle diagram as
shown in Figure 1. This figure shows how Carbon Capture and Storage (CCS) and Carbon Capture
and Utilization (CCU) technologies can affect the overall emissions of a certain industrial process,
making it either neutral or positive in its emission rate. In addition, it is also possible to obtain
a negative emission rate when applying CCS technologies in a Bio Energy process which is a so-
called BECCS process (Bio Energy Carbon Capture and Storage). These pathways for CO2 emission
reduction form the context in which new sustainable technologies are being developed.
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Figure 1: CO2 emission cycles for fossil fuel and bio-energy industires, showing the net-emission when
applying CCS and CCU technologies [3]

As the energy transition suggests, many parties take part in finding alternative energy sources (and
fuels) to reach the climate goals of 2050 [2] and maintain energy security in a modern society. An
example of such an alternative energy source is hydrogen, if it is produced sustainably. A color-based
classification has been developed to categorize any produced hydrogen, depending on the used pro-
duction technique and its ecological footprint. HyGear builds hydrogen production modules, that
use natural gas. This type of hydrogen is labeled as grey hydrogen. In order to provide sustainable
hydrogen, HyGear looking to add a carbon capture process to upgrade their grey hydrogen to carbon
neutral (blue). For this hydrogen to be classified as blue, the captured carbon can be stored, for
example, in salt caverns. Another pathway would be to use the CO5 as a raw material, for instance by
enhancing plant-growth in greenhouses with COs-enriched climates. Depending on the end-use of the
captured COa, it is subjected to an additional liquefaction process or kept as a gaseous product stream.
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1.2 HyGear’s Hydrogen Production Technology

HyGear is a world leader in the production of on-site hydrogen and strives to produce this with the
least amount of CO9 as possible. One of the most conventional methods to do so is via steam methane
reforming (SMR), where steam and hydrocarbons enter a reactor to form COg2 and Hz[4]. This pro-
cess is governed by two steps, the first being an endothermic steam reforming step which is done at
temperatures around 850°C for optimal conversion [5]. During the steam reforming reaction, methane
reacts with water vapor to form both CO and Hs. In the second step, a water gas shift takes place to
increase the hydrogen recovery by converting the formed CO into COs. These two processes form the
two governing reactions of the SMR process, which are written as:

CHy+ Hy0 + CO + 3Hy (1)
CO + Hy0 < COy + Hy (2)

The products of this process are fed to another system where hydrogen is separated from the gas
mixture. The remaining stream is the so-called off-gas (or tail gas), that contains 20 to 30% CHy
which is fed to a burner to supply the heat that is required for the SMR process. In order to separate
the formed hydrogen from the carbon dioxide, and other unreacted components such as Ny, CO, or
CH,4, HyGear uses a pressure swing adsorption (PSA) process. This process exploits the physical
driving force of a species to adsorb onto the surface of an adsorbent material. With this technology,
the heavier components are adsorbed and the lighter hydrogen is passed through the system. A flow
diagram of a typical SMR process is shown in Figure 2. On the other hand, the remaining flue gas
(released in the burner/reformer and when regenerating the adsorbent material) still releases CO3 into
the atmosphere. This is roughly 9 kg of CO2 per kg of formed Hs[4]. In current SMR systems 60
till 75% of the total COs is produced in the water gas shift and 40 to 25% in the burner during the
reforming step [6],[7]. In the light of meeting the Net Zero emission goals it is, therefore, important
to find ways to capture this stream of COs. Besides the environmental perspective, capturing carbon
from an SMR process has also three economic benefits. The captured COs can be sold as a product
to several industries, the ”grey” hydrogen is upgraded to ”blue” hydrogen increasing its worth, and
the avoided emissions can be sold as a tradable commodity through the introduced Emission Trading
System|8].
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Figure 2: Overview of the SMR process, showing the pressure and COs concentration of three potential
streams to capture COy from[9]
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As a means to capture this CO2, HyGear has developed an effective and efficient technology using a
vacuum swing adsorption (VSA) process. In this process, COq2 is adsorbed at atmospheric pressure
and desorbed under lowered pressures to partial vacuum levels. The two adsorbent materials that
are mostly researched by HyGear are Activated Carbon (AC) and Zeolite 13X (Zel3X). The proof of
concept has already been demonstrated. The next phase, in upgrading their produced hydrogen to
blue hydrogen, involves designing and optimizing the entire carbon capture system to reduce energy
consumption while maximizing process recovery. As such this research focuses on designing and
refining the VSA system to capture CO, from the flue gas and upgrade it to food-grade purity (>99%),
making it a valuable and marketable product.

1.2.1 Development Challenges

HyGear provides its technological solutions as ready-to-use products, as shown in Figure 3, hence
there is a priority in getting the technology integrated whilst maintaining performance, cost, energy
efficiency, and space. On the other hand, this CO9 capture technology could also be used as a stand-
alone product that is applicable for flue gasses of similar composition as that of the SMR process.
Developing a technology that can solve multiple problems is also beneficial from a business perspec-
tive. Therefore, it is of interest to find out which flue gas types could be of interest for HyGear’s
COg4 capture technology. The typical SMR flue gas composition is given in Table 1, which forms the
base-case for this research.

Table 1: Component based minimum and maximum concentrations in typical SMR flue gas streams

| [ CO, | N2 | Oy | H;0 [ SO, | NO4 | CO
min 10 70 2 10 0.005 0 0
%
max || 15 75 5 15 0.015 0.001 0.1
%

However, applying carbon capture technology to other flue gasses, such as those of post-combustion
processes, likely require preliminary gas purification steps. Purification of e.g. NOy and SOy from the
gas stream is important as these gasses may hinder the performance of the carbon capture process or
damage the equipment. Hence, it is important to research applicable purification technologies when
assessing the feasibility of the carbon capture technology in a broader context.

1.3 Current state of Development

Regarding carbon capture methods, current technologies can be categorized as either pre-combustion,
oxy-fuel combustion, or post-combustion capture technologies all of which have gained attention. From
these three, HyGear’s VSA technology can be used as either a pre- or post-combustion process. The
three applicable gas streams from which COy can be captured are shown in Figure 2; 1. the syngas
after the water gas shift, 2. the off-gas before it is fed to the burner/reformer, 3. the flue gas of the
System.

Out of these streams, the first two are pre-combustion streams and the third is a post-combustion
stream. Comparisons between these streams and their carbon capture potential (and respective costs)
are often researched [9]. The concentration (and partial pressure) of COy in pre-combustion gas
streams is generally higher than that of post-combustion streams, as is also shown in Figure 2. A
higher CO4 concentration has a positive effect on the driving force for mass transfer and also on the
equilibrium loading (capacity) of the adsorbate or solvent before saturation[10], consequently making
the separation process easier. Although this may bring advantages in the energy requirements and
efficiency, pre-combustion gas separation also brings challenges for the combustion process. For exam-
ple, lowering the CO2 content in a combustion process may favor the formation of NOy which requires
significant modifications to avoid.
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Regarding the three potential streams, this means that capturing COy out of stream 1 or 2 would
require changes in hydrogen purification step (which is also a pressure swing adsorption step) and/or
the reformer/burner. For the flue gas stream (stream 3) there are no additional changes required,
which is also beneficial with regards to HyGear’s commercialization plans. Another advantage for
selecting the flue gas stream, is that it has the highest mass flow of CO4 and, theoretically speaking,
100% of the COs can be removed. Hence, post-combustion methods will be the main scope when
analyzing the current state of development.

1.3.1 Post-Combustion Carbon Carbon Capture

Regarding post-combustion carbon capture processes, the four most common methods are adsorp-
tion, absorption, cryogenic distillation and membrane processes each having their own benefits and
challenges[11],[12]. During absorption the COs is absorbed into a liquid solvent, either by a physical
driving force (Physical Absorption), or by undergoing a chemical reaction (Chemical Absorption).
During absorption, CO5 is dissolved forming carbamates and bi-carbamates until saturation/equilib-
rium. Available literature shows that the most mature COs absorption technique that is suitable for
large-volume industrial applications, is chemical absorption with amine based solvent: mono-ethanol-
amine (MEA)[11],[10]. Solvents are selected based on their selectivity to CO2 over other gasses (e.g.
Ng, Og, NOy, SOy). With respect to this technique, its main drawbacks are related to the heat capac-
ity of the in water dissolved solvent causing high energy requirements during the regeneration step.
Furthermore, corrosion effects and solvent degradation through oxidation, or thermal processes, are
additional challenges which researchers are trying to solve[13]. Available studies also show the poten-
tial of amine solvents to loose CO9 absorption capacity due to accumulation on the amine compounds
[14]. Both of these issues require solvent regulation, which is done by periodic injection/addition of
new solvent into the installation/column. Part of the solvent is also lost in the exhaust of the solvent,
due to evaporation, since amine compounds are volatile, releasing the CO4 lean flue gas with additional
harmful amine compounds into the environment[15]. This issue solved by subjecting the flue gas to a
water wash step, in order to re-absorb the amines, but consequently increasing the system’s complexity.

Figure 3: Example of Hygear’s container packed products that allow for easy installment[16]

Cryogenic COs separation processes use differences in phase transition at given temperatures and
pressures, allowing COz to be separated though cooling (below dew point) & condensation. Cryogenic
distillation as an industrial post-combustion separation process, has a disadvantage because it is un-
suitable when vast amounts of impurities and incondensable gasses are present. For such cases, an
alternative but more complex method is to subject a liquefaction process and purge non-condensable
gasses. Furthermore, these processes have a high cooling duty making them also unfavorable from an
economical perspective.
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In the context of membrane based CO2 capture methods, the separation process is based on the
permeability of the membrane. Different gasses have varying permeabilities (transport factors) for a
given membrane, and the ratios of these permeabilities formulate the selectivity of the membrane (e.g.
membranes with high permeability have faster cycle times but decreases the purity, and high selectiv-
ity membranes have higher purities but the process takes longer and requires more area to handle the
feed stream). The selectivity (separation factor) for different gasses is influenced by the membrane’s
pore size, molecular size and weight of the gasses, as well as the affinity of the gas molecules to the
membrane material: polarity, ability to have chemical interections like hydrogen-bonding, and solu-
bility[17]. Gas permeability and selectivity, are inversely related and therefore form a trade-off in the
R&D process of an optimal membrane.

Membrane separation technology is especially well developed in liquid separation applications. In the
context of post-combustion carbon capture, membrane based gas separation mainly involves CO2 /Ny
(which would be Hy/COq for pre-combustion)[17] where the most common mechanisms are membrane
size sieving (using variations in the kinetic diameter of gasses) and solution-diffusion (exploiting differ-
ences in gas-to-membrane interactions). To give an example; membrane selectivity between COg /Ny
can be favored towards COq, by using polymers with polar groups as a membrane material to increase
the COg2 solubility (since COg is slightly polar and Ng is not). In addition, the kinetic diameter of
COz is smaller (0.33 nm) than that of N (0.364 nm) favoring the diffusion of COs.

One of the main challenges for post-combustion COs membrane separation, is that the COs is present
at low concentrations ~15%, thus low partial pressures, which gives a low driving force for its perme-
ability. This low partial pressure forms an issue as the membrane’s performance is highly dependent on
the partial pressure gradient of CO5 and the other components gas stream. In these dilute scenarios,
the membrane surface area and pressure differences over the membrane sides (pressurizing the feed
gas) are increased to enhance separation performance, although this increases the overall costs and
energy consumption[18]. To meet the purity and recovery targets membrane systems often consist of
multiple stages. The last major challenge for membrane based separation deals with the impurities
present in flue gas streams. These impurities cause fouling or degradation which requires membrane
replacements or cleaning. As membranes are costly to make this forms another costly aspect to this
process.

During adsorption, the adsorbate is adsorbed onto the surface of the adsorbent material through
either physical interactions (e.g. Van Der Waal forces) or chemical interactions (e.g. chemical reac-
tions forming covalent bonds). This method is effective for separation processes in dilute mixtures, as
is the case for CO4 capture out of SMR~ and post-combustion flue gasses[19]. Out of the two, physical
adsorption is favored as this process generally has a lower heat of adsorption which results in a lower
energy consumption during the regeneration step. This heat of adsorption is also a measure of the
component’s affinity to the adsorbent material. The affinity of a component to the adsorbent material
depends on the temperature. As the adsorption step is exothermic, the adsorption capacity is better
(at a given pressure) for colder temperatures. Consequently, it may be required to cool the flue gas
to ambient temperatures depending the feed conditions.

The regeneration step, to recover the adsorbed CQOs», is performed by either a swing in pressure, tem-
perature, or both. In pressure swing systems, the adsorption step takes place at elevated pressures
since adsorption capacities are higher at high pressures. The desorption step is then initiated by low-
ering the pressure, releasing the adsorbed CO5 as a pure product stream. For a temperature swing,
the adsorption takes place at low temperatures and the adsorbed COs is released by elevating the
temperature (favoring the endothermic side of the process). After the desorption step, the column
has to be cooled again to return to optimal adsorption conditions. The heat/energy required for a
temperature swing is generally costlier compared to a pressure-swing, and also has longer cycling
times as the heating/cooling process takes longer than the pressure change[20]. The third method is
a vacuum swing, where the adsorption takes place at near-ambient pressures and the COs is released
by lowering the pressure using vacuum pumps. This process allows for a simpler design and requires
less energy than a pressure swing, knowing that the flue gas is at atmospheric pressure.
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Due to the absence of water, in comparison to absorption, the heat/energy required for regenera-
tion is much lower (lower heat capacity of the adsorbent). The lower heat capacity, and the fact that
physical adsorption onto a surface does not chemically alter the adsorbent the way an amine-solvent is
chemically altered, also brings a benefit of generating less secondary waste, because solvents generally
degrade quicker than adsorbents[15]. Knowing that the there is little waste heat to use from the SMR
process, in combination with the review of the optional techniques gives that adsorption via vacuum
swing is the most applicable carbon capture method for the SMR flue gas.

1.4 Problem Definition and Research Goals

When looking at HyGear’s business perspective and the current state of carbon capture technologies, it
is clear that there is a potential market for carbon capture modules in systems such as steam methane
reforming (upgrading the production of grey hydrogen, to carbon-neutral blue hydrogen). However,
finding optimal designs and operating conditions for such systems is a difficult task. This signifies
the importance of developing a dynamic model, capable of describing the adsorption/desorption cycle
as a whole system to aid the development of this technology. Development of such a dynamic model
has been initiated in previous research. In continuation of those efforts, the aim of this thesis is to
perform a parameter study of the PSA process using the developed model and implement potential
improvements. Having identified the most influential parameters, and their relation to the capture
performance and energy consumption, it is possible to design an optimized PSA system for capturing
COs from the SMR flue gasses. The optimization is based on a set of performance indicators in terms
of purity, recovery, and energy demand, targeting to reach:

e purity > 99.999% (food-grade)
e recovery > 80%
e energy demand < 150 kWh/ton CO-

Similar research and simulations are performed by HyGear on a daily bases using DWSIM, hence this
tool will also be used for this thesis. The dynamic carbon capture process itself is programmed in
Julia. Knowing that that there is a market for post-combustion carbon capture in general, a secondary
objective is to analyze the system’s commercial potential by defining the operational limit of the CO»
inlet concentration. Defining this operational limit helps to identify for which flue gasses, and thus
markets, this carbon capture system is attractive. Different flue gasses may also contain different
components, like NOy and SOy, that can decrease the system’s performance. Since the carbon capture
process is the main scope of this research, literature based recommendations on potential NOy and
SOy purification techniques are provided in Appendix A .4.

Achieving the discussed goals is done by following a research plan that divides the overall research
goal into smaller steps. The used research plan is formulated below:

Research & Development

e Gain understanding in the conventional separation techniques, and their respective advantages
& challenges.

e Describe the governing mechanics involved in vacuum swing adsorption processes and identify
the most influential parameters.

e Research possible improvements that can be implemented to the model, as a means to reach the
specified performance indicators.

e Implement the improvements and validate the model.

e Test and clarify the relation of important parameters to the carbon capture performance and
energy consumption for the analyzed adsorption cycles.

e Present findings of the parameter study for the adsorption cycles and propose an optimized
design for the carbon capture system.
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Future Outlook

— Discuss possible improvements on the model and/or other adsorption cycles that might have
better carbon capture performances.

— Provide a range of applicable feed compositions through a sensitivity study of the COs flue gas
concentration.

Allin all these goals/steps form a chronological order which is followed during this study. Subsequently,
these goals are addressed in dedicated sections throughout this report. Combined, this research aims
to answer one main research question:

" Which system design, using vacuum swing adsorption, is capable of capturing COgz from HyGear’s

steam methane reforming flue gas in an energetically efficient manner (<150 kWh/ton COy) whilst

achieving food grade purity COg and high recovery (>80%), and what is the operating range for the
inlet concentration of COg at which the system’s performance is maintained?”
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2 Theoretical Background

This section covers the fundamental principles that are essential for understanding physical adsorp-
tion and characteristic aspects for Vacuum Swing Adsorption (VSA) processes. Moreover, material
properties and requirements for the adsorbent are also discussed. In doing so, the governing mechan-
ics involved in vacuum swing adsorption processes are described and most influential parameters are
identified which will be studied in a later stage. Lastly, the current state of the VSA model will be
covered and possible improvements will derived based on available literature.

2.1 Physical Adsorption Principles

As mentioned in the introduction, physical adsorption is based on the difference between molecules in
adsorbing onto a surface of a specific material. For physical adsorption, the predominant forces are
Van Der Waals forces; dispersion-repulsion forces and electrostatic interactions through polarity[19].
As the affinity of a molecule to adsorb onto an adsorbent’s surface increases, so does the heat of adsorp-
tion released during this (spontaneous and thus exothermic) process. This relation forms an important
aspect in designing and optimizing an adsorption process, because a better adsorption, therefore, also
increases the energy requirement for the desorption step. Another effect to take into a count, is that
the heat released during adsorption reduces the adsorption rate. Following Le Chatelier’s principle,
it can be explained that for an increase in temperature the endothermic reaction (desorption) is in-
creasingly favored.

Efficient physisorbents are highly porous and can reach up to an effective surface area of 100 up to
1200 m?2/g[21]. The adsorption process is driven by a concentration gradient and continues, at a given
temperature, until an equilibrium is reached (saturation). Such equilibria are described by adsorption
isotherms. In the context of carbon capture, these isotherms show the relation between the gaseous
CO2 concentration expressed in partial pressure and the amount of adsorbed COy expressed in mass
CO4 adsorbed per unit mass of adsorbent[19]. The shape of the isotherm depends of the interactions
between the adsorbent material, CO5, and other present gasses, which depend on both the properties
of the material and the gasses in the mixture. These properties are further discussed in Section 2.2,
where these are matched with the carbon capture process to select the most suitable adsorbents.

Amount adsorbed ———»

Relative pressure —————

Figure 4: Sorption isotherm types according to IUPAC classification [22]

According to the IUPAC classification[22] for sorption isotherms, there are six isotherm types shown
in Figure 4. Those that are related to this study are of type I, which are reversible isotherms where
adsorption is limited to a monolayer on the surface. In addition, also type IV is of interest as the
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adsorption of water vapor shows this relation: after having filled a monolayer also multiple layers
adsorb onto the surface, and hysteresis may occur due to capillary condensation into the adsorbent
material[23]. The mostly used model to describe the type I adsorption isotherm is the Langmuir
model. The Langmuir model is based on fractions of available and occupied adsorption sites on the
adsorbent’s surface, whilst assuming that lateral interactions do not take place in the monolayer of
adsorbed species, that the heat of adsorption is constant, and that adsorption sites are homogeneously
distributed over the surface. For a single species isotherm is described by:

q bp
0=—= 3

gn 1+bc 3)
where 0 is the fraction of available sites, which is fraction of the adsorbent loading, ¢, divided by the
maximal adsorbent loading ¢, (for a monolayer). In the right hand side fraction, c is the adsorbates
gaseous concentration in mol/m? (for this case COs) and b is the ratio of the adsorption and desorption
rate constants; kq/kq.

2.2 Adsorbent Selection

As means to achieve effective and efficient COy capture it is important to use a carefully selected
adsorbent material. This selection is based on a material’s COy uptake capacity, selectivity, ease
of regeneration (heat of adsorption), stability, durability, operating conditions, and costs[19]. To
asses the feasibility of an adsorbent material it is important analyze the kinetic and electrostatic
properties of gasses commonly present in steam methane reforming processes, because these properties
provide information on the adsorbent-gas interactions plus the material’s selectivity towards COs. Four
important properties are shown in Table 2. The Kinetic Diameter of a gas is a measure of its effective
size. For example, when there are significant differences in kinetic diameter it is useful to match the
pore sizes of the adsorbent material with the gas of interest to increase the adsorbents selectivity. For
this context, the kinetic diameters are relatively similar which indicates that the separation process
cannot depend on size selectivity alone. However, what can be noted from the magnitude of the
kinetic diameters is that the suitable adsorbent materials will likely have a microporous or mesoporous
structure (micropores <2nm & mesopores 2-50nm & macropores >50nm)[24]. This is due to the
interest in reversible isotherm behavior forming a monolayer, whereas macroporous materials often
show multilayer behavior seen in isotherms of type II and IV in Figure 4[19].

Table 2: Kinetic and electrostatic properties of common gasses [19]

Molecule Kinetic Dipole Quadrupole moment | Polarizability
diameter (nm) | moment (Debye) (104° C m?) (1024 cm3)

COs 0.330 0 -13.71, -10.0 2.64, 2.91, 3.02

No 0.364 0 -4.91 0.78, 1.74

(0D 0.346 0 -1.33 1.57, 1.77

H>O 0.280 1.85 6.67 1.45, 1.48

SOy 0.360 1.63 -14.6 3.72, 3.89, 4.28

NO 0.317 0.16 -6.00 1.7

NO, 0.340 0.316 - 3.02

CcO 0.376 0.11, 0.37 -8.33, -6.92 1.95, 2.19

Hs 0.289 0 2.09, 2.2 0.81, 0.90

CHy 0.380 0 0 2.6
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Given the range of pore sizes of micro- and mesoporous adsorbents it is clear that the kinetic diameters
of the gas species are much smaller. Hence the adsorption process is not kinetically controlled (diffu-
sion through the pores is easy), but equilibrium controlled. Therefore, the temperature and partial
pressures of the gasses will determine the adsorption process & capacity.

The differences in equilibria for adsorbate-adsorbent interactions, so-called equilibrium effects, are
governed by electrostatic properties of the involved molecules and operation conditions. The dipole
moment of a gas is the magnitude of a molecule’s charge separation or polarity; the unevenness of the
charge distribution. An uneven charge distribution, due to differences in electronegativity of atoms,
means that there are partially positive and negative charges present in the molecule which are so-
called poles. CO4 has no dipole moment, since the linear symmetrical structure causes the polar C=0
bonds to cancel out[19]. This means that the adsorbent materials which highly depend on charge
selectivity (electrostatic attractions) will have a lower CO2 adsorption in the presence of water vapor
or impurities such as SO5 and NOy that do have strong dipole moments. Although the polarity of CO»
is canceled out due to symmetry, the charge is still unevenly distributed which translates to a high
quadrupole moment which is greater than that of the other gasses. Hence, an adsorbent that relies on
electrostatic interactions with high quadrupole moments is suited for CO2 when polar molecules, such
as water vapor or impurities such as SOg and NOy, are absent. Lastly, the polarizability is a measure
of the ease with which a molecule’s electron cloud can be distorted. High polarizability, which COq
has, enhances Van der Waals forces with the adsorbent material. This is another potential aspect that
can improve COs adsorption.

Using the latter information, it is worthwhile to evaluate the mostly researched (and used) adsor-
bent materials. In addition, it may be noted that the material selection involves a trade-off between
crystalline and amorphous adsorbents [25]. Due to their stable lattice structure, crystalline materials
have a distinct pore structure that may have a significant adsorption capacity. Through lattice alter-
ations, it is possible to regulate the distribution and size of the pores to only let smaller molecules pass
through (molecular sieving effect). Whereas, amorphous materials are very porous with large surface
areas due to the lack of structure. This is a benefit in the context of CO5 adsorption, although it also
has a downside since amorphous materials may have lower stability and selectivity properties. Table
3 contains typical characteristics for adsorption materials. These, and other types of materials, are
discussed below.

Table 3: Overview of typical adsorbent material properties [19],[26],[25]

Adsorbent Pore Adsorption COq CO; Adsorption Heat of
Diameter | Temperature | pressure Capacity (mmol-g~!) | Adsorption
(nm) (°C) (bar) (kJ /mol)
Activated Carbon 1-25 25 1 1.5-4.8 15 - 30
Carbon Molecular Sieves 0.3-0.9 25 0.5 0.9-49 20 - 40
Silica Gel 2.2-2.6 25 1 0.8-4.8 10 - 25
Zeolites 0.8 25 1 0.75 - 4.66 40 - 65
Metal Organic Frameworks || 0.4 - 2.4 25 0.5 0.6 -7.2 20 - 50

Activated Carbon (AC) is traditionally synthesized from carbonaceaous material. Its pore size dis-
tribution, physical strength, and other properties depend on both the raw material and the activation
procedure. As discussed, carbon capture via physical adsorption requires small pores in the microp-
ore range. To achieve this and also maintain physical strength to sustain PSA operations, Activated
Carbon is made using thermal activation of a dense form of carbon[27]. Since it is nonpolar, thus
hydrophobic, and has a small surface polarity, it is suitable for COo capture and does not degrade in
the presence of water. In fact, Activated Carbon has a high capacity to adsorb it[19]. This porous
material also has a lower heat of adsorption when compared to zeolites, for example, which is a benefit
during the regeneration step|[28].
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Carbon Molecular Sieves (CMSs) are made out of similar raw materials as for Activated Carbon,
although, one additional step is added to the production process. This step is hydrocarbon cracking
which allows uniform and controllable pore structures|28]. The latter also explains that the produc-
tion costs for CMS are higher compared to Activated Carbon. The achieved improvements in kinetic
effects enhance the selectivity for smaller molecules, although, surface interactions stay similar to that
of Activated Carbon[19]. A CMS is mostly used in the separation of high purity nitrogen from air[20].
Silica gel is a dehydrated amorphous solid, with a large surface area to volume ratio[28]. It is polar
which helps with adsorbing water and hydrophilic components through hydrogen bonding. Silica gel
also has a relatively low heat of adsorption for water[20]. These properties make Silica gel suitable for
drying applications, but not for CO9 adsorption specifically.

Zeolites are porous crystalline aluminosilicates, with a uniform pore size. They are suitable for size
based separation methods, given that there is almost no pore distribution[20]. Zeolites being polar
are suitable for carbon capture, by utilizing CO2’s strong quadrupole moment. On the other hand,
the use of zeolites involves degradation challenges as zeolites dissolve in water (are hydrophilic)[25].
This issue with humid gas streams can be solved by increasing the silica/alumina ratio, for larger
hydrophobicity. The drawback for such adjustments, is that the decreased polarity results in a lower
affinity towards COs. Other solutions would be to remove the water vapor prior to adsorption, or
use zeolite in a successive stage before which the gas is passed through a different column with, for
instance, activated carbon that adsorbs the water.

oM Flow in adsorbent layer/ ‘ Zeolite 5A crystal
D

e co,

Zeolite 5A

Bulk Solution “.

Fixed bed column

Figure 5: Adsorption process with the involved mechanisms for adsorbent material Zeolite 5A [29]

Metal Organic Frameworks (MOFSs) is a new material type, with high surface to volume ratio. The
choice of composition and type of metal make MOFs customizable adsorbents with tunable pore size
distributions. Their adsorption properties can also be modified by the addition of functional groups
to enhance selectivity towards CO2 (e.g. adding of functional groups with strong permanent dipole
moments -NOz & -CN to interact with the quadrupole moment of CO3)[19]. Current development is
focused on solving degradation issues when in contact with water and air[20].

Due to the wide range of adsorption capacities reported in available literature, it is not possible
to select the best adsorbent material. Therefore, this study will focus on the two materials currently
of most interest to HyGear: Activated Carbon (AC) and Zeolite 13X (Zel3X). These are also the most
widely researched and have the highest technological readiness[25]. A visualization of the adsorption
process and the discussed mechanisms is shown in Figure 5. It may also be noted that other material
types are also being researched for carbon capture applications, such as calcium oxide, alkali-metal
carbonate, amine-modified materials, and activated alumina[25]. These are excluded because they are
either in an earlier stage of development, or require additional process heat.
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The isotherm data for the components in the flue gas is obtained from previous experimental studies
and is used to analyze the selectivity and adsorption capacity. Both Activated Carbon and Zeolite
13X are shown in Figure 6, where the isotherms are plotted for a range of 0 to 7 bar also showing the
temperature dependence. From these plots can be seen that both have a favorable type I isotherm.
Note that the isotherm for oxygen is not shown, to limit the number of lines as it is almost identical
to the isotherm of nitrogen.

AC Isotherms at 303K & 343K Zeolite 13X Isotherms at 303K & 343K
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Figure 6: Isotherm adsorption loading on Activated carbon (a) and Zeolite 13X (b) at 303K (lines)
and 343K (dotted lines) for COg, CO, Ny, CHy, and Ho[30)]

In addition, the steepest isotherm is that of Zeolite 13X which is related to a larger heat of adsorption
indicating that the regeneration step is also more energy intensive[25]. Lastly, the isotherms plots are
shown individually for three temperatures (303K, 323K, and 343K), in the Appendix in Figures 48,
49, and 50.

2.3 Multicomponent Langmuir Model

The single Langmuir model from Equation 3 can be extended to the dual-site Langmuir model, that
describes the adsorption on two distinct adsorption sites with each their own maximum capacity. Us-
ing two distinct sites accounts for the inhomogeneities on the adsorbents surface, leading to a variance
in binding energies due to different functional groups or pore structures for example[31].

q= Qb,mbc Qd,de (4)
14+bc 1+dc
For a gas mixture of N species, that compete for the adsorption sites, the loading of species i is then
derived as:

« _ Qbmy - bici Qd,m,i * diCi

q; = N N (5)
L4350 bic 14350 dic

Regarding the exothermic nature of adsorption processes, it is important to consider temperature

changes because an increasing temperature (in Kelvin) favors desorption. Such temperature effects

can be described with the Arrhenius relation:

B AUb,,»>
bi = bo,; - exp (_7RT (6)
AUy,
b~ oo ()
0,i * €XP RT (7)
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The isotherm of water, as discussed before, has a type II or IV isotherm due to capillary condensation
into the pores (wether there is a hysteresis effect as type IV depends on the material). As a result mul-
tiple layers of water adsorb on the surface forming a meniscus. Consequently, the adsorption capacity
for water is higher than what is assumed in monolayer Langmuir models. Hence the model may be
altered by adding an extra term as proposed in available literature[32]. In addition, adsorption effects
such as monolayer adsorption and capillary condensation are visualized in Appendix Figure 51.

(];'k _ Qb,m,z]\'szcz + Qd,m,z]\'f dic; + Qe - tan~ (Cqbﬁ.T-i-'ycc) (8)
1+ Zi:l bic; 1+ Zizl d;c;
The maximum monolayer adsorption constants of the two sites remain the same, whereas the added
arc-tangent term is multiplied with, gccm, the maximum amount of adsorbed water due to capillary
condensation. ¢ is the relative humidity of the feed gas, whereas (, 3, and ~.. are fitting coefficients.
Although this function can account for capillary condensation, it does not account for hysteresis effects
that may occur. The adsorption isotherm for water is shown for multiple temperatures in Figure 7.
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Figure 7: Water isotherm data on Active carbon for different temperatures[32]

Similar functions representing water adsorption on Zel3X are not reported, since most available lit-
erature focuses on the degradation effects. Therefore, the water adsorption isotherm parameters for
this adsorbent material are given in Appendix Table 11 using the general double Langmuir model.
However, as suggested in another study, the double Langmuir adsorption model could be expanded
with a competitive adsorption term that lowers the adsorption of all components[33].

2.4 Model Validation

Even though the used basic model has been validated in a previous study, validating it can be done
through recreating a dynamic column breakthrough simulation of an adsorption process described in
available literature[34]. The result of a recreated analysis, is shown in Figure 8. This case study was
done for a 15/85 CO3/Ny mixture that was fed with a velocity of 1 m/s into a column with Zeolite
13X. There are two fronts present, due to the exothermic nature of the adsorption process. The first
is the the breakthrough of COs, during which the temperature rises. Subsequently the adsorption
stagnates, until the adsorbent cools down enough at which the second front breaks through reaching
saturation. Besides the validation of the model, this also shows that the mass transfer effects are more
dominant than the energy transfer because the effect of the gas moving through the column is more
significant than that of the changes in temperature during the process.
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Figure 8: Recreation of a dynamic column breakthrough simulation (a) model result, (b) case study
from literature[34]

2.5 Process Description

The basic VSA system is shown in Figure 9, in which the respective changes are also visualized.
First the column is pressurized using the feed gas to the desired adsorption pressure, which is either
close or equal to atmospheric pressure. During the adsorption phase, the exothermic adsorption takes
place. The heat released may require temperature regulation measures. Whilst the adsorption ma-
terial reaches saturation, the co-current/forward blowdown is initiated during which the pressure is
reduced to an intermediate pressure such that the COs-lean gas leaves the column at the top whilst
the adsorbed COs stays in place. The last step is to reduce the pressure further to the desorption
pressure, extracting the COsq-rich gas at the bottom.
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Figure 9: Visualization of basic 4-phase VSA cycle[35]

During adsorption, the concentrations of the adsorbate (CO2) in fluid and solid phase change with
both time and position in the bed. After some time, the beginning of the bed approaches satura-
tion, and the majority of the mass-transfer takes place further from the inlet. The region where the
majority of the mass-transfer takes place is called the mass-transfer zone (MTZ)[19]. The change in
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concentration, and thus the movement of the MTZ, can be analyzed in so-called breakthrough curves.
An example of a breakthrough curve is shown in Figure 10, in which ¢/cy the fluid to feed ratio of
the adsorbate is plotted against time. These plots also aid in determining the optimal duration of the
adsorption phase, after which the flow is stopped and/or directed to a fresh bed.

The width of the MTZ, or steepness of the breakthrough curve, is directly influenced by the shape of the
isotherm. Namely, for favorable isotherms (type I) the breakthrough curves become self-sharpening.
On the other hand, unfavorable isotherms show widening breakthrough curves when advancing through
the bed. Ideal adsorption systems would show a vertical breakthrough curve, indicating that the
amount of adsorbed adsorbate is proportional to the adsorption time and the flowrate. Also the costs
of the system increase as the MTZ gets wider, because the bed use per cycle decreases for a larger
MTZ to bed length ratio (less of the adsorbents surface area is used in the case). As a lower portion
of the bed reaches saturation per cycle, more adsorbent material is required for the desired adsorption
target. This increases both the length of the required bed and the pressure drop over the bed, resulting
in additional costs.

These breakthrough curves also show the effect of optimizing the adsorption time as a system pa-
rameter[36]. When the adsorption step stops before a breakthrough of COg, then the recovery, for
example, is increased as the COs losses are minimized. However, this decreases the purity of the COa,
after desorption, as the bed is not fully saturated with CO9 yet. This is one example of the trade-off
between purity and recovery. Similarly, a case can be made for prioritizing purity over recovery by
only stopping the adsorption step after the adsorbent is fully saturated with COs. This maximizes
the potential purity that can be captured, with the cost of losing a lot of COs, since the entire MTZ
is now located at, or beyond, the outlet of the column indicating the amount of COs vented to the
environment.

1.0

clcy

(residual)

0

Figure 10: Time trace of an adsorber bed, showing a breakthrough curve, that reaches saturation over
time, where breakthrough starts at ¢, and saturation/equilibrium is reached at t[19]

Similar trade-offs can be seen with regards to the operating pressures of the different phases. Increas-
ing adsorption pressures generally improves COq capture, with the cost of a higher energy penalty,
although at too high pressures adsorption may be more favorable for other molecules lowering the pu-
rity[37]. The optimization for the blowdown pressure, deals with finding a pressure that is low enough
to desorb unwanted gasses from the bed and maximize the COy purity. Choosing a too low pressure
may also desorb some COo which lowers the recovery. Moreover, unwanted gaseous species are mostly
present at the top of the column at the end of the adsorption step, since bed saturation progresses
upwards from the bottom. For the desorption pressure, lowering the pressures increases purity and
recovery performances but has the highest energy cost for the work required by the vacuum-pump.
Another version of a VSA cycle makes use of a pressure equalization step, where a column (at the
end of its adsorption step) under the highest system pressure, P,isorp, is connected to a column at the
lowest system pressure, Pyesorp- Due to this connection, both vessels are equalized to an intermediate
pressure as part of the gas from the top of the high pressure column flows into the low pressure column.
This flow is a COz-poor gas stream as a result of the adsorption step.
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Figure 11: (a): Example of a 5 step adsorption cycle [35] and (b): respective pressure plot

This brings a benefit as unwanted species are removed from the column prior to desorption without
an energy penalty. Also, recovery is improved because the gas is passed on through the system instead
of released/vented to the environment[35]. An example of such a system is shown in Figure 11. The
number of equalization steps increases the benefits that are mentioned above, although the complexity
and the costs of the equipment increase with it as well (every additional equalization step requires 2
more columns, which increases the CAPEX and the pressure drop due to the addition of both columns
and pipes). In Figure 12 the effect of 3 equalization steps is shown for a COg/Ng mixture[36]. This
figure shows how the equalizations do not affect the COg2 loading in the column, maintaining recovery,
and reduce the nitrogen loading improving the purity. Furthermore, along the end/top of the column
the nitrogen loading is largest which is due to the adsorption process where COg is adsorbed through-
out the bed whereas nitrogen is able to pass through the column to the top.
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Figure 12: Loading profiles of Zel3X influenced by the 3 equalization steps for a vacuum desorption
pressure of 3kPa, where (a) shows the COg loading and (b) the Ny loading [36]

Knowing that the flue gas contains water vapor, which is detrimental for the COq adsorption cap-
taincy on Zel3X, another system can be of interest where two columns are placed in series, where the
first adsorption column is used to adsorb water, which adsorbs more quickly than COg (making sure
minimal COz is adsorbed in the first column). As such, the breakthrough gas of the first column is
the dried flue gas that is fed to a successive column to capture the CO2[38].
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In such a scenario, the first column is designed to adsorb all water from the gas using Active Carbon
whereas Zeolite 13X, for instance, can be used in the second one (which cannot handle water but does
have better carbon adsorption properties than AC). An example of this system is shown in Figure 13,
in which second stage is both fed and re-pressurized using the dried gas leaving the first stage during
adsorption. The same result could also be achieved by using two adsorbent materials in the adsorber
column, a so-called multi-layered column, where a layer of AC is placed at the bottom to prevent
water adsorption on the remaining Zel3X. Which option is best highly depends on the composition
of the feed. With regards to the costs of the potential system, it is preferred to limit the amount of
columns of the final design.

Ze13X

AC

Figure 13: Schematic of two columns placed in series with an Activated Carbon bed and a 13X zeolite
for adsorbing CO2 in wet conditions; adapted from [38]

Additionally, as suggested in available literature, the carbon capture process can be improved by
adding a stage to the system, depicted in Figure 14. These stages are designed such that dry flue
gas passes through a yield-prioritized stage with Activated Carbon, of which the desorbed product
is passed through a purity prioritizing stage with Zeolite 13X where breakthrough gas may be recy-
cled[39],[40]. This last design possibility can be of use, in case a single stage cannot achieve both
the recovery and purity demand. In case a drying step is required, it is essential to consider the
placement of this step in a two-stage system; either in between or in front of both stages or by using
a multi-layered column.

Ze13X

AC

..................... T I T

Figure 14: Schematic of a multiple stage adsorption cycle for dry flue gas entering the first stage at
(a), The first column prioritizes yield and increases the CO9 concentration of the desorption product
which is fed into the second stage that prioritizes purity where, if necessary, the breakthrough gas
stream may be recycled, and the pure COy product is obtained at (c)
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Following the discussed design possibilities, this research also looks into the potential of two-stage
VSA cycles. In doing so, an additional boundary should be accounted for as the volume of gas ob-
tained during the desorption of the first cycle should equal the volume introduced to the second cycle
during both adsorption and re-pressurization. The adsorption cycles discussed in this section form the
context for this research, where the four phase cycle with blowdown is the base case and the designed
equalization cycles, derived form available literature, are tested as possible improvements[34],[35],[40].
These systems will be analyzed and compared based on their respective yield, purity, energy consump-
tion. As suggested in available literature, a dry feed mixture with a minimum CQOsy concentration of
25% is required to achieve 99% purity using Zel3X[41]. Therefore, it is expected that the optimiza-
tion process will verify that multi-stage design is required to achieve food-grade purity COo out of
HyGear’s SMR flue gas.

2.6 HyGear’s VSA model

Simulating the full adsorption cycle is done using a dynamic model. A single column is simulated
which undergoes each phase of the cycle successively, as shown in Figure 9. Actual reactors may ex-
hibit deviations from ideal plug flow behavior, due to turbulence or flow through bed packing. Hence,
an axial dispersion model is used to accurately describe the influence of backmixing due to diffusivity
and axial dispersion. These models have a diffusion-related term in the z-direction. The model allows
variation of several input variables, for example the isotherm data for different materials and oper-
ating pressure can be adjusted. The total list of these parameters can be found in Appendix Table
C. Using these input variables, a set of ordinary differential equations is derived from the governing
momentum-, mass-, and energy balances. The obtained PDE problem is solved using a Kvaernob or
RadaullA5, implicit Runge-Kutta, solver designed for stiff & cyclic computational problems, suited
for the sharp concentration fronts observed in adsorption processes[42].

For the conservation of momentum, Darcy’s law is used instead of Navier-Stoke’s equations because
those equations require geometrical data of every instance of the medium which is impractical. Darcy’s
law, on the other hand, allows one to describe momentum in more practical terms such as porosity
and particle sizes. As such, the conservation of momentum is derived from the pressure drop over the
column. This is described in terms of superficial velocity, where the change in dimensionless pressure,
P, is taken in the axial direction and viscosity is assumed to be constant (note that this ~indicates a
dimensionless variable for the other equations as well):

o= gk (5 )2(—813) )

150puL \1 —€ 0z
Conservation of mass is describes the changes in concentration over time. This is done using the plug
flow assumption with an additional axial dispersion model, that accounts for mixing that normally
results from turbulence or flow through the packing of the bed. Furthermore, the mass balance also
has additional terms to account for adsorption/desorption effects where mass is exchanged between
the two phases. As such the conservation of mass can be written for each species ¢ by applying the
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In addition, the rate of adsorption is described as a linear driving force, using the loading ¢; calculated
with the competitive Langmuir adsorption model from Equation 5. The rate of adsorption is written
using the dimensionless mass transfer coefficient «;, which is written to show the involved terms:

D .
oz; L eilbelmi
_ La g 11
ot Vo g Tf, (wz x,) (11)

mass transfer coefficient
The conservation of mass for the bulk flow is described in terms of the change in pressure over time,
which is derived from summing all species ¢ present in the gas stream (> y; = 1):

= = = Ncomp ) = =
oP _ 0 (P@) _ RTgso1—c5 dx; PoT 12)
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As for the conservation of energy, the energy balance is based on the heat balance for the column and
a heat balance for the wall. Both equations have a number of dimensionless grouped terms (€2, o,
and IT) that are given in Appendix A. Besides shortening the equation, forming dimensionless groups
helps with identifying the terms (conduction, heat of adsorption etc.). It may also be noted that, in
general, the non-dimensionalization is performed to improve the stability of the model. The column
heat balance is found to be:
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And the wall heat balance is written as:

T, 0*T, - _
—_—— —_———
Heat Transfer Between Bed & Wall  Heat Transfer Between Wall & Environment

Conduction Through Wall
(14)
These six equations describe the conservation laws for the adsorption column, that can be solved using
spatial discretization techniques. The finite volume method is used in this case, in combination with
a set of boundary conditions, because it can handle sharp fronts which help to describe fluxes in mass,
energy, and momentum. As such the column is divided into N cells with width Az and volume AV,
as shown in Figure 15.
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Figure 15: Schematic of the adsorption column with finite volume, divided into N cells with a staggered
grid [35]
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By using a staggered grid, the in and outlet vector quantities are conveniently stored at the boundaries.
Similarly, the scalar cell quantities are stored in the cell’s center. Computing integrations over the
cells with boundaries j-0.5 and j4-0.5, requires interpolation of the centered scalar quantities which
is done using the weighted essentially non-oscillatory (WENO) scheme. As the name suggest, this
scheme removes non-physical oscillations around the fronts. The WENO scheme is further discussed
in the Appendix A.

Regarding the finite volume method as discussed above, it becomes clear that the accuracy of the sim-
ulations increases with the number of cells. This comes with the cost of the required computational
time and power to do so. Similarly, as the model solves the PDE problem discussed above several
cycles are required in order to reach a stable solution of the process. As mentioned in literature, the
required number of cycles to reach this cyclic steady state (CSS) may vary from 40 to 400 cycles[34].
Subsequently, the required time to compute just a single solution for a parameter study can take up
several hours. Therefore, time is a serious constraint for this type of research. To solve this matter,
the results of a large and small accuracy simulation have been studied which is discussed in detail
in Appendix Section A.3. These results validated the reduction of cells and cycles per simulation,
because the drop in accuracy was insignificant. Hence, the majority of the simulations of this study
has been done using 8 cells and extracting a solution after 6 cycles. However, simulations of 32 cells
and 50 cycles were utilized for cases during which the Cyclic Steady State (CSS) were to be derived.

2.6.1 Performance Analysis

The results of each simulation are compared based on the achieved purity, recovery, productivity and
energy consumption. Of which three are essential parameter performance indicators specified in the
research question. The remaining productivity is also an important term, because it is a measure of
the adsorption efficiency. The bed productivity of a process provides information on how much of the
adsorption capacity is effectively utilized to capture COs. These performance indicators are defined
as follows:

mol v
Purity = (“tcoz'a) -100% (15)

mol,y¢ |evac

mol
Yield = out, CO,levac -100% (16)
InOlin7 CO,lads + InOlin7 CO, |press
molyys CO,levac
Productivity = = 17
FOGUEMVILY = A dsorbent Volume - Cycle Time (17)
(18)

Furthermore, the amount of moles going in, or out, of the system can be derived by integrating over
the column’s inlet/outlet:

Pyvg /t“ep _ Y0.5P0.5(t)
I, cO, = A 1) 2037050 ) gy 19
molin, co, = pred | o.5(t) oo (0) (19)
Py / fstep /" yN-+0.5PN+0.5(t)
lou - A £) IN+0 dt 20
MOlout, CO, RT, € . UN+0.5( ) TN+0.5(t) ( )
(21)

Lastly, the cycle’s energy consumption is determined through calculating the energy requirement for
each phase of the cycle. The pressurization requires compressing energy if the feed pressure is lower
than the (highest) adsorption operating pressure. This holds for the adsorption phase as well, although
how much energy is required mainly depends on the adsorption duration in this case. However, some
energy is also required to overcome frictional pressure losses (maintaining operating pressure). The
energy requirement during the blowdown and evacuation phase is calculated based on the pressure
difference between the operating pressures, and that of the surroundings (estimated at 1 bar). Fol-
lowing the latter, the energy requirements of the four phases are calculated as follows:
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y—1

1 v /t—ads P |z:0 S
Bags = —eA—— vP) .= —1 |dt 29
ads n v =1 ) ( ) |z 0 Preo ( )
t=bd 1
leA2 = Patm )\ 7 _ .
Ebd = neA’Y*l t=0 (UP) ’z:L ((Plth) 1) dt 1fP|Z:L < Patrn (23)
0 ifP’Z:L Z Patm
1 0% t=evac Patm WTfl
Bevac = —€A—— P) .= —1|dt 24
e 776 v—1 /to (vP) ls=o (P |Z:0> (24)
t P| =1
1 =press L > .
AT P ( - ) “1)dt Py > P
Epress = 776 =1 LZO (’U ) z=0 ( Proeq ) 1 |Z 0 feed (25)
0 ifP|.—0 < Preed

These terms can be summed and divided by the mass of CO2 obtained from the evacuation phase to
derive the power requirement per kilogram of CO4 as stated in Equation 26. Note that variables 7
and v are terms for the compression efficiency and adiabatic constant respectively, which are derived
from [35] (n = 0.72 and v = 1.4).

EAds + Ebd + Eevac + Epress

1v[assout, COslevac

ETotal = (26)

Before moving on to the model development, it must be addressed that the the blowdown energy term
in the total energy calculation drops out for VSA cycle designs that use pressure equalization because
the equalization occurs spontaneously as soon as the columns are connected (or as soon as the valves
of the tubes connecting these columns are opened).

2.6.2 Model Development

Currently the dynamic model simulates an adsorption 4 phase forward blowdown cycle as described in
Figure 9. The discussed differential equations and numerical techniques can be used to simulate this
cycle through a set of boundary conditions. Each phase requires 4 boundary conditions to describe
the physical constraints in terms of the dimensionless pressure, gaseous concentration of each species,
dimensionless temperature, and dimensionless wall-temperature of the column. These boundary con-
ditions can be clarified using Figure 16, which shows the flow direction and inlet/outlet-boundaries of
the column for each phase.

: [ R

z

I I

(a) (b) (c) (d)

Figure 16: Visualization of the boundary conditions for the 4 phase adsorption cycle; (a) adsorption,
(b) forward blowdown, (c) desorption, (d) re-pressurization

The boundary conditions for the 4 phase adsorption cycle are presented in Table 16, and to explain
how the conditions are derived the conditions during adsorption are explained in more detail below.
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Table 4: Boundary conditions for the 4 phase adsorption cycle

Phase Hz:O ‘z:L
— — o0 BZ -
Adsorption (open-open) P |,—0= P + % Pl.—r=1.0
{ﬁ(l—e) ]TP;wOL %3{; l.==10
Yi |2=0= Ui feed 9| =0
; |Z|:o: qu_ﬂeed T lomr.= Tomp
w [z=0= Lamb
_ B P1+(PH—P1)57AT”O)
Blowdown (closed-open) %—I; |.=0=0 Pl—r= o
dy; )
a?‘/,_; ‘2:0: 0 % ‘Z:L: 0
or _ or
9z |z=0= q Dz lo=1= Q
Tw |z:0: Tamb Tw |z:L: Tamb
ar L
_ (PL+(P1—PL)6 ”0) _
Desorption (open-closed) Pl,—0= e 9L |.—1=0
Oyi yi _
5’2 l:=0=10 D2 l:==10
or or _
gz |==0=0 gz |==1=0
Tw |z:0: Tamb Ty |z=1= Tamb
"o L
_ P+ (PP vo) ]
Pressurization (open-closed) P .= 7 ?TI: l.==0
9y; 9yi _
di ‘2:0: Yi,feed Oz ‘z:L* 0
aT 2 or _
Dz |Z:0: ijeed Dz |Z:L_ Q
Tw |z:O: Tamb w |Z:L: Tamb

Firstly for the adsorption case, both ends of the column are open. For the dimensionless pressure at
the inlet, this means that it is equal to the dimensionless pressure at the center of the first cell plus the
pressure drop over the first half of that cell (given that the inlet velocity is known). The dimensionless
pressure at the top of the column is equal to the adsorption pressure to ensure stable operation. For
the gaseous concentration of each species, this is equal to the feed concentration at the inlet as there
is a constant feed of new gas during this phase. On the other hand, the concentration gradient at the
outlet is set to zero, assuming steady state behavior, as there are no concentration changes beyond
the column’s outlet. Lastly, the wall temperature is assumed to be equal to the ambient temperature.

2.6.3 Developing an Equalization Cycle

For this study HyGear’s dynamic model of a 4 phase blowdown system is expanded to a 5 phase
equalization system as shown in Figure 11. This entails that the pressure equalization step needs
to be modeled and implemented replacing the blowdown step. When connecting the high pressure
and low pressure column, their dynamics, gas composition and temperature influence the equalization
pressure, besides P,gsorp and Pgesorp, that is reached when approaching equilibrium. Consequently,
the intermediate pressure is no longer a design parameter as with the blowdown system but a fixed
parameter that must be calculated. Determining the equalization pressure for each cycle is a laborious
process as the high pressure column needs to be equalized with a low pressure column which exists
in a future time stamp of the simulation, so in order to derive this pressure efficiently a pressure
between P,gsory and Pyesorp can be guessed and adjusted through iteration. The initial guess for this

equalization /intermediate pressure is often taken as the average pressure and corrected by a factor x
[43],[35].

P - P
PI _ (1 . l’) . adsorb 5 desorb (27)
Note that finding the equalization pressures for multiple equalization steps, becomes an algebraic
problem but can be solved using the same principle. This is explained in further detail for a 2-step,
and, 3-step equalization in Appendix Section A.2.
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After the first equalization attempt, mass balance checks can be done to converge to the right equal-
ization pressure[37]. This is described in Equation 28, in which §°? is the maximum allowed absolute
mass balance error, for example 1073, This tolerance can be changed respective to prioritizing the
simulation speed or or the simulation accuracy. In fact, the exchanged mass is small compared to the
total of the system, therefore simulation speed is prioritized.

e e
m'q_mq

| €7 |=] g2t | < 5 (28)
out

Following this relation, the model can be adjusted accordingly as described in the logical flowchart
from Figure 17. This flowchart shows that the implementation of the equalizations requires a logical
loop around multiple phases of the model. Through each iteration the equalization pressure is adjusted
with the relative mass balance error, that is also multiplied with a sensitivity factor f set between 0
and 1. Moreover, it is worth mentioning that €°? is negative whenever the equalization pressure is too
low and vise versa. As a result, the mass balance error, when €? is negative, is used to increase the
equalization pressure.

Adsorption

gl

Peq = P(:q( 1 ff ed) Pressure Eq.

T

i ‘out  f

Desorpton

ntd _ ped
eq in out

e®d < §°d

Pressure Eq.

1| gl gl L g]
HEE B

Pressuriztion

Figure 17: Flowchart of the logical algorithm for the adjustment of the equalization pressure during
an adsorption cycle, the pressure is adjusted using the mass balance error and a factor f which can
be set between 0 and 1 (adapted from [37])

Lastly, the mass going in and out of the column during the equalization phase can be obtained by
integrating over the top-end of the column:

t = eq down
e
mel, = / Pl_p V. €A dt (29)
t = ads
eq t =equp
m{! = / Pl_pV._ €A dt (30)
t = evac
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Researching VSA cycles with pressure equalization steps can be facilitated by writing the converged
equalization pressure as a function of the desorption pressure (and the adsorption pressure, which is
kept constant in this case). In doing so, the iterative equalization pressure convergence procedure has
to be done only once over a number of desorption pressures such that the derived function is valid for
the desorption range of interest. Over a desorption pressure range of 0.005 to 0.4 bars it was found
that the equalization pressure is best described as an adjusted geometric mean of the high and low
pressure of the equalizing columns; which is also suggested in another study|[44].

Poy= /P -PL = (Py -Pp)T#C (31)

As a consequence, the equalization pressure decreases much further than the average value. This is
due to the fact that, for lower desorption pressures the column is emptier in both loading and gas
concentration such that the gas which is initially transported to the low pressure column is adsorbed,
therefore, additional mass transfer is required to effectively increase the pressure. Moreover, this be-
havior is different for both adsorbent materials due to their difference in isotherms, ease of regeneration,
and other adsorption properties. Hence the parameter C' differs as well, namely 1.4 for AC and 0.42
for Zel3X. Consequently, the equalization pressures for Zel3X are slightly lower compared to those
for AC which can be verified given that the isotherms for Ny (although also CO2) are higher for Ze13X.

For the equalization cycle, also a new set of boundary conditions is required. Although they are
similar to the other boundary conditions, the most important aspect is to ensure that the gas leaving
the top of the high pressure column enters the low pressure column at the top. Thus, the set of
boundary conditions should describe a closed-connected situation in which the equalization column
giving flow and the equalization column receiving flow both have their own conditions to describe the
process. These new boundary conditions are visualized in Figure 18.

L 1L

(a) (b) (c) (d) (e)

Figure 18: Visualization of the boundary conditions for the 1 Equalization step adsorption cy-
cle; (a) adsorption, (b) decreasing equalization, (c) desorption, (d) increasing equalization, (e) re-
pressurization

The conditions for the closed end at z=0 can be used from the blowdown phase in Table 4, whereas the
connected conditions are derived from available literature [43]. This study analyzed the performance
of three possible sets, out of which the equalization of variables was found to be the most effective.
These boundary conditions, describe the total molar flux, pressure, molar fraction, and temperature
at the connections and are given in Table 5.
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Table 5: Boundary conditions for equalization cycle

‘Phase Hz:O ‘z:L ‘
T L
_ 5 (PIHPH*PJ)E MUO)
Equalization giving flow %—IZD l.=0=0 Pl.-1= e
_ s o X 7
(closed-connected) A |.=0=10 W l.e=10
or — AT bedl
g ==0=0 5 |=2=0
Tw |z:0: Tamb Tw |z:L: Tamb
Equalization receiving flow %—IZD l:=0=10 Pyearr — Prear =0
(closed-connected) %’? l.—o=0 YipedlT — Yiedl =0
9| _o=0 Tyearr — Thear =0
0z 17= — 7 _
Tw |z:O: Tamb Tw |Z:L7 Tamb

2.6.4 Validation

The results of the parameter study that has been done using the developed model, are discussed in
Section 3, of which the similarity with available literature is a validation on its own. However, validat-
ing the model should also be done beforehand through studying the process of the induced mass-, and
energy transfer due to equalization. The latter has been researched in another study as well, although
applying the equalization at the bottom of the columns[45].

0.6
_ CO2 Concentration after equalization
0.5+ bed | 030 F
0.25 | : N
g 04 5 \
= bed Il © 020
0.3 ) - AN
0.10 - T ] S
0.2-4 T T T T T T T T o0
00 02 04 06 08 1.0

0.2 0.4 0.6 0.8 1.0
Bed length from z=0 to z=L

((a)) ((b))

Figure 19: Simulations results of available literature showing (a) the CO2 gas concentration over
the columns at the end of the equalization phase, (b) the concentration proflie obtained using the

developed model (where bed I is depressurizing and bed II is pressurizing with the flow provided by
bed I)[45]

What the equalization process should showcase is that the concentration profiles, pressure, and tem-
perature at the equalization entries are equal at the end of the phase. Moreover, the partial pressure
profile must also show that the gradient does not reside against the flow of the equalization process.
A comparison with the findings of the used literature is shown in Figure 19. In addition, the partial
pressure of the light, mostly transported, product No has been plotted as well as the temperature
change over time in Figure 20. This case study, and comparison to available literature serve as a
verification that the construed model describes the equalization process correctly.
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Figure 20: Simulations results the developed model showing (a) the partial pressure of No, (b) the
temperature both at z=L during the equalization phase (where bed I is depressurizing and bed II is
pressurizing with the flow provided by bed I)

2.6.5 Developing a multi-stage model

In order to model an adsorption process with multiple stages as shown in Figures 13 and 14, the
gas obtained during desorption/evacuation needs to be saved and inserted during the adsorption and
re-pressurization of the next/successive stage. Additionally, the same can be said for cases where a
recycle stream is used as suggested in Figure 14. Ensuring continuous flow and having a sound mass
balance brings another challenge that will further increase the computation time and complexity of
the model. In literature and in practice, this issue is solved by using a reservoir/buffer of the first
stage desorber product[39]. Since parametric optimization is the main scope of this study, significant
computational power can be saved by optimizing two models separately and change the input condi-
tions of the second stage with the results of the first.
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3 Methodology for VSA Parameter study

In order to get a better understanding of the functionality and key-parameters involved in carbon
capture via adsorption, it is important to systematically test the different phases of the VSA cycle. As
discussed in previous sections, there is a vast number of parameters that influences the performance
of this separation process. However, to limit the number of reached variables, and also the number of
simulations that is required to do so, this study focuses on the most influential variables; feed compo-
sition, duration of given steps, and operating pressures. It may be noted that the model does allow
dimensional changes of the column as well, but that these are kept constant throughout this study
(namely due to the fact that time or flow speed changes have a similar effect compared to changes
in column length[46]). The inner radius, length, and volume of the column for these simulations are
0.1445 m, 1 m, and 0.066 m?> respectively. These and other parameters are noted in Appendix Table
9.

As the required computational power increases with the number of components in the gas stream, the
flue gas mixture is simplified to a dry CO3/Ng mixture derived from an available optimization study
[35]. N2 being largely present in the mixture in most occasions, the study of this base case is expected
to form a reasonable baseline for real-life scenarios. Knowing that the real flue gas contains water va-
pors, also humid-operation conditions and drying steps will be analyzed in Section 3.4. Following the
derived base case, the separation process will be analyzed for 8 key parameters: The duration of the
phases (pressurization, adsorption & evacuation, equalization), the desorption pressure, equalization
depth, the inlet feed velocity, and the gas compositions of the feed.
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Figure 21: Visualization of the effects of CO2 concentration and feed velocity on the resulting break-
through curves on Active Carbon (left side) and Zeolite 13X (right) side, where figures (a) and (b)
show the effect of concentration changes, and (c¢) and (d) the effect of feed velocity
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3.1 Adsorption conditions

Starting of, the adsorption process is simulated individually to find find the appropriate operating
time which is determined for a set break-through scenario. This scenario describes the point at which
adsorption takes place with the least amount of COs9 lost to the environment. Therefore, the break
through curve at the column’s end, at z=L, is analyzed for base case conditions of the CO3 /Ny mix-
ture. These breakthrough curves are shown in Figure 52, from which can be seen that setting the feed
velocity (m/s) has an effect on the steepness of the breakthrough curve (width of the mass transfer
area).

These simulations also show that the concentration of CO4 affects how quickly the first concentration
front breaks through on Zel3X, whereas on AC this effect is significantly smaller[47]. The feed velocity
influences the steepens of both breakthrough fronts. The individual results for each composition and
the tested feed velocities can be found in Appendix B Figure 52. All in all, both parameters are
important to take into a count for picking a suitable adsorption time. For example, for feed with 15%
COg2 and a feed velocity of 1 m/s the breakthrough times for 4% breakthrough is 62 seconds using
Active Carbon and 457 seconds for Zeolite 13X.

Simulating the adsorption process also provides information about the saturation conditions of the
adsorbent bed. At this adsorption time the entire surface of the adsorbent, in the column, is satu-
rated. Such a saturation case study, as oppose to the breakthrough scenario, prioritizes purity over
yield. Since this state is reached after the breakthrough point the MTZ has fully broken through, and
now resembles the amount of gas/COq that is lost to the environment during the process (decreasing
the yield). The results of the saturation simulations are shown in in Figure 22. In addition, a more
detailed loading comparison is found in Appendix B Figure 25.
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Figure 22: Adsorbent saturation points for (a) Active Carbon, and (b) Zeolite 13X, for a feed velocity
of 1 m/s and 15% COg, showing the difference in CO2 loading at z=L at 4% breakthrough and
saturation

The saturation point for both adsorbent materials for a feed concentration of 15% COs, 85% Ny and
a feed velocity of 1 m/s, is 32 minutes on AC and 100 minutes on Zel3X. These saturation results can
be used to analyze the effect of varying pressure during the desorption process.

With the adsorbent volume in the column known to be 0.04 m?, and the densities of AC and Zel3X,
it is possible to compare the adsorption capacities:

adsorbent (1 B 6) AL (32)

As the densities of AC and Zel3X are respectively 842, and 1130 kg/m3, this comparable density
shows that Zel3X can adsorb significantly more COs in this case: 13 mol and 157 mol respectively.
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In addition, it is of interest to determine the maximum allowed breakthrough or adsorbent saturation,
given that the yield/recovery of the final design should be at least 80%. Knowing that the blowdown
is substituted for the equalization steps, it is clear that the COgy that exits the adsorber, due to
breakthrough, is the major term dictating the recovery. Therefore, the adsorption time for which the
loss, due to breakthrough, reaches 20% can be derived using the following ratio (and the discussed
mole integrals of equation 15):

mOlCOQ,out,ads

Loss due to breakthrough =
mOICOQ,in,ads + mOICOQ,in,press

(33)

Note that the pressurization time is set to 15 seconds, because in practice the duration of this step is
dependent on the equipment’s physical restraints and managing the operation of the whole installation
(all the columns) with as little idle time as possible.
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Figure 23: Moles of COq lost due to adsorbing beyond breakthrough, expressed in a loss ratio for (a)
Active Carbon, and (b) Zeolite 13X

From this analysis becomes clear that the adsorption time cannot be extend longer than 107 seconds
when using AC, and 771 seconds for Zel3X. Through finding these limits, the possible adsorption
ranges have been identified up to which one can increase the potential purity. The resulting loading
profiles are shown in Appendix Figure 53. It must be noted that thus far the obtained variables are
applicable to single cycle simulations as oppose to an installation operating continuously in a Cyclic
Steady State (CSS). Hence, the final values used in the cycle analysis will be shorter, due to the fact
that breakthrough will occur earlier compared to a single operation with the initial conditions of a
‘clean’ sorbent. It was found that the initial loading conditions during CSS are two thirds of the
saturation loading for AC and roughly 75% for Ze13X, which will be discussed later on.

3.2 Desorption Analysis

Researching the evacuation/desorption phase of the cycle, by solely simulating this phase with a bed
saturated with COq, gives insight in two relevant aspects of the final design. One can determine
around at which pressure COg starts to desorb. This is the pressure reduction that the equalization
step(s) should achieve to remove as much gas as possible without losing adsorbed COs. It is also of
interest to derive a desorption pressure for which the marginal gain in recovered CO; is lower than
the specific energy penalty. In other words, at this pressure it is ineffective and energetically ineffi-
cient to decrease the pressure any further. On the other hand, a practical desorption pressure limit
should also be taken into consideration which varies from 10 to 0.5 kPa[35], [36]. Although the energy
consumption will be looked into during the analysis of the complete system, one can already research
the marginal gain in desorbed CO2 with this desorption analysis.
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With these goals in mind, the desorption analysis is conducted by plotting the adsorbent loading at
the end of the desorption/evacuation phase, for various pressures, using the adsorbent loading data
form the previous section. Resulting plots of desorption simulations are shown in Figure 24 which
showcase, as expected, almost no difference in the loading at the in- and outlet because the loading

profile is a straight line for the case of saturation.
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Figure 24: Change in loading on a saturated adsorbent using different desorption pressures on (a)
Active Carbon, (b) Zeolite 13X

The effect of desorption pressure on the adsorbent loading is clearly visible, starting around 0.2 bar for
AC and 0.1 bar for Ze13X. What these results also show is that the linear decrease in N9 loading on AC,
and that of Zel3X, cannot be compared with these figures alone. After having zoomed in on the No
loading on Zel3X, shown in Appendix Figure 54, it was found that the change in loading is semi linear,
and slightly higher in magnitude compared to that on AC due to the higher isotherm. In combination
with the much higher COs adsorption capacity, this shows that Zel3X has a significantly higher
potential of meeting the purity performance indicator of this study. This can be further explained by
calculating the potential purity that is possible by only considering the adsorbent loading:

Purity = _ dco, (34)

Taking Active Carbon as example at a desorption pressure of 0.2 bar, one can estimate that the
maximum potential purity is: 0.29/(0.29+0.065) = 82%. Note that this is a theoretical limit, and a
measure of selectivity, which can only be achieved when the bed is fully regenerated, which in practice
does not happen. Still this approach is useful to analyze at which pressure a given purity goal, p, can
be achieved; by creating tangent lines for the required CO3 loading, given the impurity loading.

p
dco, = AN, " 7 (35)
This tangent line expression has been used to test the potential maximum purity, which is shown
in Figure 24. From these results can already be seen that without equalization steps a maximum
purity of 90% is possible for AC when using desorption pressure of 0.06 bar or lower, whereas 99.9% is
possible for Zel3X at 0.14 bar or lower. Note that the tangent lines for Zel3X are not straight lines,
because of the nonlinear relation of No adsorbent loading with desorption pressure.
Continuing the desorption analysis, similar tests can be done for the case of breakthrough. Doing
so, allows one to verify if the found pressure ranges are indeed suitable for the final design. It must
be noted that these calculations require the use of the average adsorbent loading over the column,
knowing that the loading (and gas concentration in the column) is not saturated for these scenarios.
The loading profiles for the breakthrough scenario are shown in Figure 25. Furthermore, the respective
loading profiles can be compared, after integrating over the column length to the saturation loading
to quantify how much of the bed is used. For AC at breakthrough the bed is 66.4% saturated whereas
for Ze13X only 40.3% is saturated.
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Figure 25: Comparison of the adsorbent loading at 4% breakthrough on (a) Active Carbon, (b) Zeolite
13X

The results of the breakthrough scenario are shown in Figure 26, where a similar approach has been
used to check the required loading for a given purity goal. From these figures can be seen that the
same purity goals can be met with Zel3X, albeit at impractically low desorption pressures. In other
words, the regeneration becomes too difficult due to the lower initial adsorbent loading. For AC the
regenerative effects of varying desorption pressures is not significantly altered, compared to the sat-
urated case, although, the maximum potential purity has decreased. That Zel3X has more drastic
changes in the loading-pressure relation can be explained due to the larger contribution of the second

adsorption front, shown in Figures 22 and 25.
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Figure 26: Change in adsorbent loading for the case of 4% breakthrough using different desorption
pressures on (a) Active Carbon, (b) Zeolite 13X

In addition, both Zel3X cases show that the majority of the total loading (at near vacuum pressures)
is difficult to desorb which coheres with the stronger molecular interections between CO9 and Zel3X
and the shape of the isotherms shown in Figure 6. Consequently, these results showcase that the de-
sired equalization depth and evacuation pressures remain the same for AC but are dependent on the
adsorption conditions when using Zel3X. Hence, for AC wether or not to adsorb beyond breakthrough
depends on the magnitude of the benefits of the equalization phase, whilst, for Ze13X doing so also
offers the benefit of having more practical desorption conditions.

Another case can be looked into to test the maximum allowed saturation level for the given minimum
yield/recovery goal as discussed in Section 3.1. Extending the adsorption until the yield requirement
limit shows that the purity loadings can be met at higher desorption pressures, which is makes the
operating conditions more feasible. In contrast, the adsorbent bed is now 90.4% saturated for AC and
54.2% for Zel13X. Through the results of these desorption case studies, it is expected that the desorp-
tion is most productive, for both adsorbents, at pressures of around 0.05 bar, and this expectation

will be evaluated during the cycle analysis.
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Figure 27: Change in adsorbent loading for the case of minimum yield using different desorption
pressures on (a) Active Carbon, (b) Zeolite 13X

Before researching the effects of the equalization phase, it is of interest to study desorption by varying
the total desorption time to test which duration results in the minimum requirement to achieve full
desorption results. As explained previously, adsorption and desorption are not kinetically limited and
only flow velocity influences the pressure loss. The adsorbent loading reaches a homogeneous distri-
bution as the desorption time is extended, although this may bring differences in loading profiles for
shorter desorption times this does not influence the net amount of gas extracted from the column/ad-
sorbent. A rule of thumb can be used to set the desorption time to 1.5, or 2, times the adsorption
duration, depending on the adsorbents affinity to the components[19]. Since AC and Zel3X have a
high affinity towards CO», the desorption duration is set to 2 times the adsorption duration.

3.3 Cycle Analysis

Following the Adsorption and Desorption analysis, the remaining phase of interest is the equalization
which is analyzed through simulating the whole system in cycles. The individual pressurization phase
is of less interest, since the pressurization is solely dependent on what is physically possible with the
installation’s equipment (compressor dependent pressurization time and flow velocity that needs to
be low enough not to harm/loosen the adsorbent material packing inside the column). Moreover, the
same holds for the duration of the equalization phase that has been set to 15 seconds. Therefore, the
equalization phase is solely analyzed on its effect on adsorbent loading.

Furthermore, the equalization pressure relation, from Equation 31, that was found through mass
balance iterations, shows that the desired equalization depth is already achieved at the desorption
pressures of interest. Hence, only 1 equalization step will be used in this analysis. Note that using
more equalizations steps is definitely possible, although, each added step increases the amount of
required columns as well as the systems complexity and costs. This trade-off led to the decision to
research only 1 equalization step. Additional information on the contribution to the equalization depth
with each added step is discussed in detail in Appendix A.2.

As the benefits of using an equalization step have been discussed in Section 2.5, the goal of this part
of the study is to validate these benefits in the context of the desorption pressure range derived from
the desorption analysis. With the latter in mind, an example cycle case on Zel3X with a desorption
pressure of 0.03 bar (an thus an equalization depth/pressure of '%/1-0.03 = 0.1bar) and the minimum
yield adsorption duration has been analyzed. Similar to the results of a different study, shown in Figure
12, the loading profiles after adsorption, equalization, and evacuation are plotted in Figure 28.
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Figure 28: Loading profiles of (a) CO2 and (b) Ny after adsorption, equalization, and evacuation on
Zel3X using a desorption pressure of 0.03 bar

Since the conditions are similar, it can be seen that the loading profiles after adsorption are identical to
the adsorption case study in Figure 53, but differ from Figure 12 as this case was simulated for cyclic
steady state operation. Despite this, the reduction in Ny loading is clearly visible whilst that of COs is
maintained. As such, the yield & purity benefits of using an equalization step are demonstrated. This
single cycle case can be compared to its CSS operation, which will result in close to saturated operation
due to the over-extended adsorption duration. Yet doing so, allows quantification of the correct initial
loading conditions by recording the loading & gaseous concentrations after re-pressurization.
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Figure 29: Loading profiles of (a) CO2 and (b) Ny after adsorption, equalization, and evacuation on
Zel3X using a desorption pressure of 0.03 bar during Cyclic Steady State (CSS) operation

The loading results for CSS operation are shown in Figure 29. This close to saturation case, verifies
that a large portion of the on Zel3X adsorbed CO> is not regenerated. Moreover, knowing that this
CSS operation achieves a purity of 99.3% purity with an over-extended adsorption time showcases that
1 stage is not enough to reach the foodgrade-purity goal. It may also be noted that the purity can be
roughly estimated by subtracting the loading differences from the equalization down phase and that
of the evacuation phase: 0.44(:%: 99.5%. Regarding the initial loading conditions, it was found from
several cases such as seen in Figure 29 that the initial loading is 2.9 mol/kg for CO2 and 0.005 mol/kg
for No. These initial conditions, as well as for those for AC, are used as an interpretable measure since,
in practice, the concentration- and loading profiles at the end of the pressurization phase are used
as more accurate initial conditions in the model (an example of these profiles is shown in Appendix
Figure 55). A similar case can be studied for AC which verified that COg is easier desorbed, given
the flatter isotherm (weaker molecular interactions). These results are shown in Figure 30. A higher
desorption pressure was used, namely 0.05 bar, ensuring that the equalization pressure is not too low
although some COx is still desorbed (the equalization in this case is 0.29 bar in this case).
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Figure 30: Loading profiles of (a) CO2 and (b) Ny after adsorption, equalization, and evacuation on
AC using a desorption pressure of 0.1 bar

Lastly, this case for AC with an over-extended adsorption time achieves a 56% purity and the initial
loading conditions resembling CSS operation are 0.25 mol/kg for CO2 and 0.21 mol/kg for Ny. Both
loadings are close due to the similar adsorption isotherm data at the feed concentration (with which
the column is pressurized). These results can be used to correct the maximum adsorption time for
steady operations, and form a basis for the design of a 2 stage vacuum pressure swing adsorption cycle.
Considering the CSS loading conditions, the adsorption limits are changed according to the adsorption
analysis shown in Figure 31. Note that this Figure can also be regarded as the loss percentage plotted
against the dimensionless time, which is the time divided by the residence time £ = ——, because the

t'reS ’
residence time is 1 second for a feed velocity of 1 m/s.
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Figure 31: Moles of COq lost due to adsorbing beyond breakthrough, expressed in a loss ratio for (a)
Active Carbon, and (b) Zeolite 13X, showcasing that only a part of the adsorbent bed is regenerated
which as a consequence requires the adsorption time to be reduced during CSS operation

In these Figures, both the corrected adsorption durations and the former ones are shown indicating
that a CSS operation using former settings would allow too much breakthrough. As be seen, the larger
initial loading conditions result in considerably shorter adsorption duration approaching saturation
more quickly. Also, it is worth mentioning that lowering the feed velocity will also help in reducing the
loss due to breakthrough. For example, lowering the feed velocity to 0.5 m/s resulted in a maximum
adsorption duration of 21 seconds. The corrected CSS case simulations are shown in Appendix Figure
55, for which the case of Zel3X produced a yield increase to 91.8% with the purity dropping to 98.7%
(and a promising energy consumption of 116 kWh/tonco,).

In conclusion, all parameters have been analyzed individually which provides the required information
to formulate a final design for the dry flue gas. Since the parameter study has proven that a single
stage will not be able to meet both requirements, the Section 4 discusses the results of a multiple
stage design.
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3.4 Wet Operation Conditions

Thus far, all considered cases have been made for dry flue gas conditions, although, the real SMR
flue gas does contain water vapor. These can either be condensed out of the gas stream, or could
be separated by making use of its high affinity with AC in a VSA cycle. There are two possibilities
regarding the placement of this drying process; the first is to consider operating the first recovery
stage with AC in wet conditions and condensate the water before going to the purity stage. Second,
is to have a designated drying stage before the whole process itself as was shown in Figure 13. Again,
with the latter option it is still open to choose a VSA cycle or, for example, a gas liquid separator.
As a means to limit the energy consumption and the amount of complex components in the design, it
is preferred to operate the first recovery stage in wet conditions and use a gas-liquid separator (and a
cooler if needed) to remove enough water vapor such that it does not dissolve the Zeolite adsorbent
used in the second stage. This design choice brings two additional advantages, assuming that a cooler
is required. First, the required cooling duty is lower in this configuration as oppose to a gas-liquid
separation prior to the first stage since the amount of gas that needs to be cooled is less. Second,
decreasing the temperature benefits the adsorption process which is exploited better for increasing the
purity at the second stage compared to the first stage.
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Figure 32: Adsorption analysis in humid conditions on Active Carbon, showing (a) CO2 and No
loading, (b) H2O loading over adsorption time in hours

Regarding the considered dry gas scenarios with a gas stream of 15/85% (CO3/N3), a flue gas with
a relative humidity of 100% is assumed to have a composition of[32]: 12/84/4% (CO2/N2/H20). It
may be noted that any higher content is not considered, as in that case (partially) liquid water would
be pumped through the system. Performing the discussed steps in the parameter study can be done
for this mixture, even though it should kept in mind that, due to capillary condensation, the water
adsorption capacity is 55 times larger than that of COs9 ((1)?'2 = 55). Therefore, the amount of cycles
it takes for water to break through, and to obtain CSS operation, is significantly longer.

This effect is observed when adsorbing a column, initially filled with Ny, until saturation, which can be
seen in Figure 32. From the saturation profiles can be seen that the adsorption capacity of COs and
Ny is slightly lowered due to the presence of water, as confirmed in available literature[32]. Similar to
previous cases, the gas concentration and loading profiles in the column can be initialized to that of
the post-pressurization phase when CSS is reached. The desorption analysis showed similar desorp-
tion behavior on AC for CO5 and No, whereas the desorption of water showed far steeper desorption
patterns as a result of its stronger interaction/adsorption. These patterns are shown in Appendix
Figure 57.

In addition, the equalization pressure relation for AC has been revised since the presence of water
vapor changes this behavior. Operating for the same pressure range, resulted in a pressure function
of: P =+/Py - Pr. Further optimization of the cycle design is discussed in Section 4, for which some
aspects need to be kept in mind. Firstly, the purity goal for the product gas is lowered due to the
presence of water. For example, a desorption product of 30/20/50% (CO2/Na/H20) for the first stage
can be dried, using an ambient gas-liquid separation, allowing the liquid fraction of the water in the
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mixture to condensate out of the stream, to a composition of 58/40/2% (CO2/Ng/H20). The second
aspects concerns the water content of the product stream as well, because this must be low enough
to prevent breakthrough of the water front in the second column. In case this can not be assured,
water-zeolite degradation will take place. These dynamics have been studied in available literature,
which report a reduction in COy adsorption capacity due to the competitive adsorption (and capillary
condensation) of water vapor up to 98% depending on the water’s partial pressure or relative humid-
ity[48],[49],[50].

If the water content appears to be to high for the second stage, then the product gas of the first stage
could be cooled to remove more water. The flowsheet analysis that is used to calculate the required
cooling duty, and resulting water content, is shown in Appendix Figure 58. Since this method brings
an additional power requirement, another option is to add a layer of activated carbon can be used at
the inlet to protect the zeolite. The latter can be simulated using two adsorber columns place in series
as was shown in Figure 13. Testing whether these measures are required is done through simulating
the adsorption process individually on Zel3X for different water contents, until a concentration at
which the water front does not break through. Next, this concentration can be used to derive the
required cooling duty (with the flowsheet of Appendix Figure 58).
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Figure 33: Adsorption of water on Zeolite 13X during the first 500 seconds, starting from a clean bed,
for different water concentrations in the feed

The results of this test are shown Figure 33, that depicts the loading at the column inlet during the
first 500 seconds. From which can be seen that cooling is indeed required to lower the water content
to at least 0.01% (mole fraction yu,0=0.0001, and a relative humidity of 0.46% at 298K). Using the
DWSIM flowsheet, shown in Appendix Figure 59, it was found that this can be achieved by cooling
the example product stream of 30/20/50% (CO2/N2/H20) from 298K to 233K which requires 22kW.
Knowing that lower temperatures benefit adsorption, it was tested what the adsorption process would
be like at this range. Simulations showed that after 3000 seconds still only 0.04 mol/kg was adsorbed
at the column inlet, whilst the adoption of COsz increased to 4.4 mol/kg. On the other hand, achieving
such a temperature change of 60K, well below freezing temperatures, was deemed impractical. Hence,
the final design will have a column with AC placed in series before the purity column with Zel13X. This
configuration was shown in Figure 13, and makes sure that the dry breakthrough gas of the protective
layer enters the column with the zeolite. The same could potentially be achieved by having a layer of
AC at the inlet of the zeolite column itself, although, further studies would be required to design a
cycle in which the water that is regenerated does not re-adsorb on the zeolite.

Lastly, it should be noted that some COg will be adsorbed in this drying stage/layer. Regarding this
process in separate columns, it should be checked if this gas stream should be recycled as well to
maintain the recovery target.
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4 Multi-Stage VSA Design

The next step is to combine the obtained information, from the case studies, to formulate the an
optimized carbon capture design. The discussed methods from Section 3 are used to analyze several
designs that consists of a recovery prioritizing stage and a purity stage. In order to achieve high
COg purity, the cycle design must operate close to saturation conditions. Therefore, it is required to
recycle the breakthrough gas back to the recovery stage. This design parameter, together with for
example the energy consumption per stage need to be checked in the optimization process. For the
recovery stage, the wet flue gas is fed to a column packed with AC to enrich the CO5 product stream
without compromising yield and minimizing the energy consumption[51]. There is no initial gas-liquid
separator because the 100% relative humidity conditions also offer competitive adsorption with No
which is beneficial for the COy enrichment. The product stream is directed to a gas-liquid separator
to remove the majority of the water. At 298K the water content will be reduced to a mole fraction
of 2%. Although this could be reduced through cooling the gas stream, it was found that cooling on
its own is not enough. Several design configurations have been tested, out of which two designs have
shown potential. After the gas liquid separator either a multi-layered adsorber stage can be used, or
two columns have to be place in series such that the first column practically servers a dryer column.
These two design options and the initial stage are discussed below. It may be noted that the column
parameters of Appendix Table 9 are used, such that the column has an inner radius of 0.1445 m, a
length of 1 m, and a volume of 0.066 m3.

4.1 Recovery Stage

As for the recovery stage, it was found best to use a column fully packed with AC. The studied
parameters have been optimized for the obtainable purity and energy allocation. Depending on the
operating conditions of the second part, the optimal adsorption duration of the recovery stage can be
selected. The same can be said for the used desorption pressure for this cycle, because the combination
of these two parameters dictate the COs concentration of the gas fed to the next stage as well as
the recovery of the whole system (assuming that the COg lost in the second stage is recycled). In
addition, the energy consumption per cycle is recorded for the final energy consumption in kWh per
ton of captured COy. Together these aspects form an optimization problem since allocating more
energy to the first stage enables lower operation pressures for a better purity which may improve
the functionality of the second stage. To make sure that the desorption pressure, and the resulting
equalization pressure, does not drop to a level at which COq is regenerated, it has been decided to
use desorption pressure no lower than 0.05 bar[52]. In the context of the multi-layered stage design,
it was found that an adsorption duration of 80 seconds, and a desorption pressure of 0.07 bar, gives
a product stream of 29.1/8.6/62.1 (CO2/Ny/H20) with a yield of 88.0% (as 12.0% was lost during
breakthrough).
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Figure 34: Recovery stage loading profiles of (a) COz and (b) Ny after adsorption, equalization, and
evacuation
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The amount of CO3 lost due to breakthrough has been reduced through both the adsorption time as
well as the feed velocity which was set to 0.25 m/s, which means the gas has a residence time of 4
seconds. The majority of the water content in the product stream is removed by using a gas-liquid
separator. The remaining amount of water is 2.2%, due to which the purity increases to 72.9%. Thus,
a product stream of product stream of 72.9/24.9/2.2 (CO2/N2/H50). Regarding the recycle stream of
the purity stage, and assuming that volumes are matched with reservoirs/tanks in the real-life process,
it can be derived that the feed concentration of the first stage would increase roughly up to 30% COs.
For this setup the energy consumption is 0.0386 kWh per cycle. This energy penalty is combined with
second part of the process where purity is prioritized.

4.2 Purity Stage Options

The first option required one additional stage, and is therefore less complex and cheaper. As shown
in Figure 35 after the gas-liquid separator, a multi-layered column packed with a 20% AC and 80%
Zel13X is used. The layer of AC serves as a protective layer to maintain the adsorption capacity of
CO2 on Zel3X. The desorption pressure at this stage is 0.18 bar, since lower pressures desorb too
much water, from the protective layer, decreasing the purity. In terms of energy, most is allocated
to the first stage to enhance the purity in wet conditions as much as possible. This and other design
parameters are presented in Table 6.

& (b)

AC

Figure 35: Flow diagram of the multi-layered stage design option, where the wet flue gas (a) is mixed
with the recycle stream and fed into the first stage, the product stream is passed through a gas-liquid
separator where water is removed (b), the final product stream of the second stage is obtained at (c)

The loading profile after adsorption is shown in Appendix Figure 60, that shows how the water
in CSS does not reach the zeolite. Although this design is relatively simple, the best obtainable
purity is a product stream of 95.3/0.0/4.7% (CO2/N3/H20) with a total energy consumption of 122.8
kWh/tonce,. Cooling the gas to improve the gas-liquid separation, and enhance the adsorption process,
has been tested as well but that significant effects require too much energy. Similarly, the adsorption
has been simulated with elevated pressures up to 1.5 bar but did not show significant improvements.
Moreover, the purity limit of this design can be explained through the fact that there is always some
water regenerated from the protective layer.

Table 6: Optimized parameters for the multi-layered design, with the energy consumption for a
blowdown cycle reported in (brackets)

Stage Feed Desorption tads Product Yield [%] | Energy Consumption
[CO2/N2/H20] | Pressure [bar] [CO2/N2/H,0] [kWh/Cycle]

Recovery 12.0/84.0/4.0 0.07 85 29.1/8.6/62.1 88.0 0.0386 (0.0652)

Purity 72.9/24.9/2.2 0.18 90 95.3/0.0/4.7 56.3 0.0245 (0.0485)
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Even though the best obtainable product stream does not directly adhere to the food-grade CO» purity
requirement, this design is still useful as the product stream only needs to be dried in order to reach
food-grade CO2 purity. The combination with COs liquefaction is promising to offer a full carbon
capture and storage (CCS) process. This step is also required to achieve HyGear’s goal of producing
sustainable hydrogen. Hence, the captured carbon may be cooled to lower the water content below
50 ppmv, which is required for COg liquefaction. Therefore, the combination with the proposed VSA
design might be a cost effective system to obtain food-grade purity liquefied COq, since cooling the
gas to sub-zero temperatures is already part of the COq liquefaction process.

The second option consists of three stages, with two recycle streams as shown in Figure 36. The
gas exiting the gas-liquid separator is directed to the second part of the system, where two columns
are placed in series to ensure that no water is adsorbed onto the zeolite adsorbent. Although more
complex, and costly, this configuration solves the issue of the multi-layered design since the water is
dealt with in a separate stage.

g

(c)

(b)

—{k —_H

Figure 36: Flow diagram of the dryer column design option, where the wet flue gas (a) is mixed with
the recycle streams and fed into the first stage, the product stream is passed through a gas-liquid
separator where water is removed (b), the final product stream of the second stage is obtained at (c)

Any COg lost in breakthrough, or in the product stream of the dryer column, should be recycled.
In doing so, each stage is optimized for which mainly the energy requirement is challenging to meet.
When comparing designs, it is clear that the multi-layered system has a significant advantage in terms
of simplicity and costs. Limiting the system’s size is of key importance in terms of CAPEX and,
knowing that HyGear sells their systems in container sized modules. With the CO3 liquefaction as
the next step in the carbon capture (and storage) process, it is therefore determined that the multi-
layered design is the most suitable carbon capture process design. This design and the respective flow
compositions, is shown in more detail in Figure 37.

[58/42/0]

[2/80/18]
[1/0/99]

12/84/4 29/9/62 73/25/2 > 95/0/5 >

[CO:/N:/H:0] AC - Recovery G-L Separator AC/Ze13X - Purity

Figure 37: Overview of the final design, showing the concentration of the feed, breakthrough, and
product streams of the individual components
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4.3 Energy Savings

Blowdown system equivalent for the proposed designs can be simulated to compare the energy re-
quirements. For this comparison the yield decrease due to blowdown is neglected. The first stage was
found to require 0.0652 kWh per cycle to increase the concentration of the product stream to 73%
COs. Doing the same for the multi-layered purity stage, it was found that 0.0485 kWh per cycle was
required. It may be noted that the energy per mass unit is a biased comparison since a larger part of
the COs is lost in the blowdown system. Looking only at the energy per cycle requirement it can be
seen that the equalization design brings a 43.3% energy reduction (in terms of kWh/cycle). Further-
more, the energy comparison is shown in more detail in Figure 38 which also show that the energy
requirement of the adsorption and pressurization phases are negligible compared to the blowdown and
evacuation steps. Note that for this figure, the mass output of the equalization design is used in order
to show the energy requirement of the equivalent blowdown cycle.
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Figure 38: Histogram showing the difference in energy comparison, where the blowdown energy re-
quirement is calculated with the mass output of the equalization cycle

4.4 Possible spread of CO> concentration

The possible spread of CO2 can be derived by determining the minimum and maximum COs inlet
concentrations for which the optimized design achieves food-grade purity. For larger CO2 concentra-
tions the adsorption time has to be watched to prevent potentially earlier breakthroughs, although
this effect mainly plays a role on Zel3X as shown in the adsorption analysis of Figure 52. On the other
hand, for lower CO2 concentrations the adsorption time could be changed as well as the desorption
pressure. In doing so, the power consumption increases which still has to meet the maximum require-
ment. Since lower feed concentrations result in lower adsorption loadings, it could also be useful to
consider increasing the adsorption pressure. The minimum COs concentration in the first stage is
determined by the minimum concentration that the second stage requires to reach the purity goal.
This was found to be 70%. With this information, the possible spread of CO5 in the feed was found
to be 8% because the energy requirement cannot be met for lower concentrations.

4.5 Fluidization Velocity

Developed process designs have to be checked on safety measures, to ensure technical and economical
feasibility. For these designs the most important measure is the minimum fluidization velocity. For this
velocity, the velocity of the gas/fluid is strong enough to lift the adsorbent particles and release them
from the bed. Hence the feed velocity must always be, with a safe margin, lower than the minimum
fluidization velocity V;,, . This minimum fluidization can be derived from the Ergun equation:

(e pi)g = B0V 1=9) L75p, V2
g ¢2 D2 e ¢s Dp €3

(36)
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Throughout the entire process the gas density varies between 0.9 and 1.6 kg/m3, and the particle
sphericity, ¢,is assumed to be equal to 1. The remaining parameters are given in Appendix Table 9,
which can be used to solve Ergun’s equation for the fluidization velocity. From the two adsorbents AC
has the lowest density, in combination with the densest gas density, the minimal fluidization velocity
is conservatively estimated to be 0.43 m/s. With a margin of almost 50%, it is confirmed that the
VSA cycle design functions in feasible operation ranges when using a feed velocity of 0.25 m/s.

4.6 Column Dimensioning

The final design is specified for HyGear’s flue gas conditions, although the column dimensioning is
still based on a case obtained from available literature[34]. Therefore, the column dimensions can be
altered considering a system designed to handle 1000 m3/h (0.28 m?/s) of this flue gas. Maintaining
operation conditions and a feed velocity of 0.25 m/s, it can be found that the required diameter of the
columns is 1.2 m. The radius to column length ratio of the simulated columns is 0.1445, subsequently
the column length becomes 4.2 m. From this can be concluded that these columns will not fit into
standardized containers for which HyGear designs their systems.

Smaller column dimensions with the same performance are obtained when assuming that larger feed
velocities can be used if the residence time is maintained (which is 4 seconds). By a feed velocity of
0.4 m/s, it can be derived that the inner diameter decreases to 0.9 m and the required length to 1.6
m (thus a volume of 1.1 m?®). This feed velocity is possible under the assumption that the fluidization
velocity was calculated to conservatively, or that a down-flow system is used (for which much higher
feed velocities are possible). These column dimensions are more realistic and used in the next section
to perform an economic analysis of the system.
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5 Economical Analysis

With the proposed design, it is possible to perform an economical analysis to estimate the CAPEX
and OPEX of the system. Doing so is done by through calculating the costs of the columns, the
required (vacuum) compressors, and the adsorbent costs. For these calculations it is estimated that
the installation has a service time of 15 years. In terms of OPEX, the energy consumption of the system
can be used to determine the electrical costs of the system together with a maintenance estimate. The
energy requirement of the compressors and vacuum pumps form the most important component of the
operational costs because there are no other significant appliances that require heat and/or power. It
may be noted that the overall costs of manpower are taken out of this analysis, and that the prices are
derived excluding taxes. The CAPEX and OPEX cost calculations are combined to derive a cost per
kilogram of captured CO2 which can be compared to cost estimations found in available literature.

5.1 CAPEX

The total capital investments are derived through the deriving the costs of the columns, (vacuum)
compressors and gas-liquid separator individually. Estimating these costs is done using a cost esti-
mation report with data from 1998[53]. Hence, the prices need to be indexed using the Chemical
Engineering Plant Cost Index (CEPCI):

CEPCI 800
Price2025 = Price1998 : — 202 = Pricelggg .

— 37
CEPClzg02 389.5 (37)

There are four adsorber columns required for the design. As discussed in Section 4.6, the columns
have an inner diameter of 0.9 m and a length of 1.6 m. The total length of the column is estimated
to be 2.0 m, by assuming that there is additional room needed for a layer of inert material to ensure
a uniform flow profile as shown in Figure 39. Furthermore, a wall thickness is assumed to be enough
as the columns are not subjected to large pressures.

L— Inert ceramic balls

01L
bBL | — Adsorbent
0iL f-innaaaas _ Inert ceramic balls

| T Support grid

Figure 39: Adsorption vessel internals[54]

To account for the cost that are included for the whole column design (heads, supports, piping etc.)
the cost relation in Appendix Figure 61 can be used to derive that the costs of one column (of 1.1
m? or 294 gallons) are $8,400 which equate to €15,800 after indexing. The indexed packing prices
for AC, Zel3X and ceramics are not taken into a count as they are negligible compared to other cost
factors; namely 0.74, 1.32, 3.21 €/m? respectively[53]. In order to cope with the humid conditions,
stainless steel 304 is used which has a material factor of 1.3. Assuming that the columns do not need
replacement, an installation factor of 4 gives that the total costs for the four columns are €330,000.
As for the gas liquid separator, a cost assumption is made based on a small tank of 0.05 m?. The cost
relation for a carbon steel vertical vessel, shown in Appendix Figure 61, is used. Again a material
factor of 1.3 is applied for Stainless Steel 304, in combination with the six-tenths rule estimate the
costs for the right volume. After indexing, and using an installation factor of 4, the price of the gas
liquid separator is estimated to be €17,500.
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Two compressors for the adsorption and pressurization steps, and two vacuum pumps for the desorp-
tion are required, because the design consists out of two stages. Design conditions for the compressor
are based on the flue gas flow of 1000 Nm?/h, at atmospheric pressure, so given the relatively low
pressure ratios a rotary blower is most suitable. The cost estimate, is derived using lang factors and
current pricing used by HyGear[55]. The cost estimate is made using the 6/10t" rule, knowing that a
blower with a capacity of 4000 Nm?/h currently costs €60,000:

1000\°6
CAPEXgjowers = 60, 000 - w00 = 26,116.52 (38)

Using a lang factor of 2.5, the total capital costs for the blowers are €131,000.

The vacuum required vacuum pumps are based on the required capacities, that are derived form the
velocity profiles of the final cycles. The recovery stage has a higher actual capacity than the purity
stage, because of the lower desorption pressure higher relative humidity and the fact that it is the
first stage of the separation process: 4225 and 1825 m?/h for the recovery and purity stage. Another
price relation given by HyGear, can be used in the six-tenths rule. For this case it was found that a
vacuum pump of 1140 m?/h currently costs €20,000. Using this information for both vacuum pumps,
the estimated prices were found to be €43,900 and €26,500 respectively. Using an installation factor
of 2.5, the capital costs for the two vacuum pumps are €176,000.

5.2 OPEX

The operational costs of the carbon capture system are assumed to be mostly influenced by the energy
costs of the process and the replacement costs of major components. Hence, the energy costs per cycle
can be used to derive the total energy costs during the systems lifespan. With a two column planning
for each stage, the flow matching can be estimated by taking some idle time into a count. The flow
planning of the purity stage is shown in Figure 40, and it is assumed that the slightly shorter cycle of
the recovery stage can operate simultaneously. As such it is derived that two cycles can be completed,
for the whole system, within 420 seconds (bed 1 has an idle time of 70 seconds and bed 2 of 60
seconds).

Bed |Phases |

Time | 60 90 30 180 30 30

1 Idle | Adsorption | Equalizing Desorption Equalizing Pressurizing' |

2 Desorption Equalizing | Pressurizing | Adsorption | Idle | Equalizing Desorption

Figure 40: Column planning of the purity stage when using two columns per stage

In terms of operating time, it is estimated that the yearly downtime due to maintenance is 3 days.
Which means that 2.2 million cycles are completed within the system’s lifespan, requiring 144,000
kWh. The price for electricity for industrial consumption is taken as €0.1775[56]. Therefore, the
operational costs are €25,600.

In terms of replacement costs, it is assumed that the major components described in the CAPEX
calculation last the total lifespan of the system. Overall replacement or maintenance cost are approx-
imated to 3% of the total CAPEX[55]. This is expected to mainly include blower & vacuum pump
maintenance and replacement of valves. The valves are used intensively throughout the operation,
therefore these require relatively frequent replacement to cope with degradation effects and prevent
leakages. Hence, the maintenance cost is estimated to be €19,600 but can be checked for its influence.
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5.3 Cost Comparison

The total costs of the carbon capture system are summarized in Table 7, and can be compared to
literature by calculating the total COo output of the system. Since these cost were based on rough
estimations, the total costs are expected to vary with £25%.

Table 7: Total CAPEX and OPEX of the carbon capture process, expressed in thousand euros

‘ H Columns ‘ G-L-Separator ‘ Blowers ‘ Vacuum Pumps ‘ Energy ‘ Maintenance ‘ Total
CAPEX || 330 17.5 131 176 - - €654,000
OPEX - - - - 25.6 19.6 €45,000

In the optimized design, 11.9 mol of CO4 per cycle is extracted from a feed of 59 m3/h. Compared to
the industrial flue gas case of 1000 m3/h, the feed is increased with a factor 16.9. This can be used
to estimate that the up-scaled system can extract 202 mol COgy per cycle. As such the total costs
can be divided by the total mass of COy that is captured, which results in a price of €35.2+8.8/ton
COy (or €0.035+0.05/kg CO2). This may be compared to a study of a similar scale, since larger
scaled processes are more difficult to compare in costs. The best comparable study that was found
is a reported a carbon capture costs, from wet flue gas, using a two-stage vacuum pressure swing
adsorption process of $34.1/ton CO4[33]. As this was published in 2015, this leads to €45.1/ton CO4
after indexing. This study also included the costs of the CO2 compression process (to 110 bar and
300C). Therefore, future research on this part of the carbon capture process could give insights into
the total cost comparison. Another study, also from 2015, published capture cost estimations for a
500 MW power plant of $30-37/ton CO2[57]. This provides a range of 39.7 to 48.9 €/ton CO3. Due to
the 25% uncertainty in the cost estimate, it cannot be said whether the capture cost of the proposed
design is competitive. However, these cost estimations do show a similar order of magnitude when
compared to available literature.

5.4 Sensitivity

Besides having estimated the costs of the system with a uncertainty margin, it is also interesting to
see how some factors influence the overall €/ton CO3. Therefore, this section looks into four factors
and how these affect the total costs. Although the cycle time is also an interesting factor, this one is
not taken into a count because it not precisely known how this will affect the CO5 output per cycle.
First is the number of blowers, because operating time schedules can be arranged in such a way that
the vacuum pump of the first/recovery stage is also used to feed (and pressurize) the second/purity
stage. In doing so the CAPEX is reduced with 10%, resulting in a capture costs of €31.84+7.9/ton COs.

Cost sensitivity for electricity prices

Capture cost [€/ton CO2)

003 005 007 009 011 013 015 017 019 021 023 025 027

Electricity Price [€/ kWh]

Figure 41: Analyzed cost sensitivity for electricity costs costs
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The next to parameters of interest are the maintenance and electricity costs, since these are assumed
but may changed due to overhead circumstances. Hence the total capture costs are evaluated based
on increases and decreases in maintenance and electricity prices. The results of these case studies are
shown in Figures 42 and 41. From this can be seen that a changing energy price can influence the
capture cost with at most £0.87€/ton COs.

Cost sensitivity for maintenance

Capture cost [€/ton CO2)

1% 2% 3% 4% 5% 6% 7% 8% 9% 10% 11% 12% 13% 14% 156

Maintenance as a percentage of the CAPEX

Figure 42: Analyzed cost sensitivity for maintenance costs

The maintenance cost show a more significant affect on the cost. Over the range of 1 to 15% of the
CAPEX, the capture costs vary with +2.3€/ton COs.

Another factor that can be tested is the effect of downtime on the capture costs, because this influences
both the energy costs and the amount of COy captured over the course of the systems lifespan. This
sensitivity study is shown in Figure 43 where the capture costs is calculated for a range of 1 to 20 days
of downtime per year. A similar effect is seen as with the electricity price analysis, since the range of
annual downtime changes the capture costs, at most, with £0.95€/ton COsx.

Cost sensitivity for down time

Capture cost [€/ton CO2]
@ ©
8 8
_
—_—t
_
_
_
—_—
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_
_
[
_

1 2 3 4 5 6 7 8 9 10 1 12 13 M 15 16 17 18 19 20

Down time in days

Figure 43: Analyzed cost sensitivity for annual down time

What can be concluded from this economical analysis is that the capital investments costs outweigh
the operational costs. This is also seen in the sensitivity analysis, where the operational costs have
a lower influence on the capture costs as oppose to system optimization measures that, for example,
reduce the number of required blowers. In addition, the maintenance factor was found to be the most
influential out of the 3 analyzed operational factors. Overall, the estimated capture costs are of the
same order of magnitude as those reported in available literature, although, more research in this
regard is required to asses the market potential /competitiveness of this system.
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6 Conclusion

A dynamic vacuum swing adsorption (VSA) model has been thoroughly researched in this thesis,
during which potential improvements have been identified and successfully implemented. As a result
the common, four phase, blowdown cycle design has been expanded to a 5 phase equalization cycle,
achieving improvements in purity, recovery, and energy consumption. Although it is made possible to
include several equalization steps in the cycle design, this study showed that using one equalization
step reaches the desired equalization depth for the carbon capture process. The research question
is answered through proposing a VSA cycle design capable of capturing COs from HyGear’s steam
methane reforming (SMR) flue gas that is suited for COg2 liquefaction to obtain food-grade purity.
In combination with proper carbon storage methods, the findings of this study form a road-map for
HyGear to develop their blue hydrogen production technology. A two-stage design has been optimized
through a detailed parameter study, identifying influential parameters and their effects on the sepa-
ration process. Energy consumption has been allocated between the stages, by setting the desorption
pressure, making sure the system meets the energy consumption requirement of <150 kWh/ton COs.
The reduction in energy consumption, in comparison with the blowdown cycle, is achieved as the
equalization step makes use a spontaneous equilibrium-based process. At the same time, recovery
is maintained because the gas is no longer vented to the environment. Furthermore, an economic
analysis of the final design has been done using the column dimensioning estimations for an industrial
flow rate. The estimated capture cost in €/ton COq is comparable to values reported in available
literature. However, more research is required to assess to economic feasibility of a detailed carbon
capture module (including the CO4 liquefaction step).

The parameter study highlights the importance of balancing phase durations of a cycle with respect
to their cyclic steady state (CSS) operation. Analyzing influential parameters in CSS simulations
provided information about the optimization possibilities for the design. The latter also helped with
determining the possible spread for the CO2 content in the feed. As such, this spread can be used
to determine possible alternative flue gas streams to which this carbon capture technology can be
applied. This commercial perspective forms an outlook for future studies, for which also some flue gas
treatment technologies have been proposed.

In conclusion, this thesis researched, implemented, and validated an improvement on a dynamic VSA
model. This model has been used as a tool to study the relevance and effects of different system
parameters which, provided the means to design a VSA system to meet the initial performance cri-
teria. Overall, this study contributes to HyGear’s broader goal of providing sustainable blue hydrogen.
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7 Discussion and Recommendations

A dynamic VSA model has been used and tested extensively throughout this thesis, although, there
are still points of discussion and possible improvements to be made in future research. The desorption
pressures of interest have been identified through, the parameter study and the implementation of the
equalization phase was successful. However, at these low near-vacuum pressures the solver’s stability
is challenged because the pressure, loading, and concentration ratios of impurities start to approach
zero. Despite the fact that increasing the number of cells and optimizing the relative and absolute
tolerances improves solver stability, it is interesting to look into other methods as well. Suggested
methods for numerical stability are the use of different solvers. For example, it was found that for
steep isotherms (in the case of zeoite or high water contents) the former Kvaerno4 solver could be best
replaced with the RadaullA5 solver with an optimized maximum time stamp (dtmax=0.15 up to 1.2
depending on the stiffness), which copes better with stiff problems at the cost of computation time.
On the other hand, for less stiff problems it was found that Kvaernob had the least stability issues
and fastest computation time.

Besides model development, further integration with process simulation tools such as DWSIM could
proof useful in the process equipment design process. Integrating the model in a full flowsheet analysis
gives a better picture of the process and recycle streams which need to analyzed. These are important
aspects to look into before heading into the a realization of a design. In ding so, also the economic
analysis may be refined. Currently this analysis is based on a number of assumptions and cost rela-
tions obtained in available literature. Consequently an uncertainty margin of 25% is used for the final
capturing cost and sensitivity studies. These values could be confirmed through contact with suppli-
ers, and new economic parameters can be included in future economic analyses. For example the cost
comparison could be expanded with the increased income from the carbon credits as well as the worth
gained in producing blue hydrogen as oppose to grey hydrogen. Furthermore, future studies could
focus on quantifying adsorbent degradation and more detailed process equipment designs to improve
the economic analysis. Although it was found that the adsorbent material is not a significant cost
factor, it is important to know when to replace the adsorbent to maintain the system’s performance.

Furthermore, during the optimization process the adsorption duration was limited, minimizing break-
through, to maintain COs9 recovery. The feed velocities of both stages are kept similar to allow for
scalability. In practice feed velocity and cycle times are also optimized in terms of process planning,
to allow smooth operation and minimize idle/down time. As such this is another topic that could
be looked into. A more detailed process planning will also give better estimations on the number of
cycles that can be made in the system’s lifespan, which greatly influences the total capturing costs.

Verification of the obtained results is also another matter of interest, that could be done through
experimental studies. It is essential to validate the predicted equalization pressure relation, since this
determines whether or not the final design requires more than 1 equalization step. In addition, it is
also of interest to analyze the adsorption of water on Zel3X in more detail because this diminishes
the CO92 adsorption capacity. This research showed that any significant adsorption onto the adsor-
bent material should be avoided, although, experiments might also showcase that Zel13X can handle
H5O-loading up to a certain extent. Lastly, research can be dedicated to gas treatment processes to
remove NOy and SOy via the simultaneous or stage-wise adsorption process that shortly have been
discussed in Appendix A.4.

All in all, this research continues the development of a vacuum swing adsorption system to cap-
ture CO4 from HyGear’s SMR flue gas stream. Future designs can be optimized for a more realistic
representation of the system, which will provide the next step towards successful implementation of a
carbon capture installation in HyGear’s SMR technology.
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Nomenclature
Symbol Description Unit
Greek
« Dimensionless mass transfer coefficient -
I} Fitting parameter in capillary condensation -
X Selectivity -
0 Tolerance -
€ Void fraction -
fas) Relative mass balance error -
n Compression efficiency -
~ Adiabatic constant -
Yee Fitting parameter in capillary condensation -
W Viscosity kg m?t st
Q Dimensionless grouped energy balance term -
¢ Relative humidity -
II Dimensionless grouped energy balance term -
P Dimensionless grouped mass balance term -
1) Density kg m™
o Dimensionless energy balance term -
T Dimensionless time -
T’ Turtrosity -
0 Fraction of available sites -
¢ Fitting parameter in capillary condensation -
Latin
A Area m?
b Ratio of rate constants -
c Adsorbate gaseous concentration mol/m3
C Equalization pressure adjustment factor -
Cp Specific heat capacity J kgt Kt
D Diameter m
D Molecular diffusivity m? st
f Sensitivity factor -
H Enthalpy J mol !
h Heat transfer coefficient Jm?K!s
Ky Thermal conductivity of the wall Jm! K's!
K, Effective gas thermal conductivity Jm!t K!st
L Length m
N Number of cells -
n Amount of moles mol
P Pressure Pa
p Dimensionless pressure -
Pe Peclet number -
q Adsorbent loading mol/kg
q Equilibrium adsorbent loading mol /kg
R Universal gas constant Pa m? mol! K!
r Radius m
T Column temperature K
T Dimensionless temperature -
t Time S
U Internal energy J/mol
A% Column Volume m3
v Local velocity m/s
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v Dimensionless local velocity -
X Dimensionless adsorbent loading -
X" Dimensionless equilibrium adsorbent loading -
y gaseous mole fraction -
zZ Bed coordinate m
Subscripts

0 Reference value for normalization -
ads Adsorption -
bd Blowdown -
cc Capillary condensation -
des Desorption -
eq Equalization -
eq,d Equalization down / depressurization -
eq,u Equalization up / pressurization -
evac Evacuation / Desorption -
HP High pressure -
i Index for species i -
j Index of cell volume -
LP Low pressure -
p Particle -
press Re-pressurization -
w Wall -
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A Additional Sections

A.1 Details on HyGear’s adsorption model

Two additional topics are discussed in detail to explain the added scheme to the Finite Volume Method,
as well as the dimensionless groups that are used in the five main balance equations of the PSA model.
A.1.1 WENO Scheme

As mentioned, the model used for this study is based on a staggered grid approach, making sure that
the scalars are stored on the cell’s centers and vectors on the edges. With this approach, and the gov-
erning formulae, it becomes clear that spatial derivatives are derived through integrating over every
cell and their boundaries: j—0.5 & j40.5. This is made clear in the five main balance equations below:

Discretization of the component mass balance:

Oyij p L1 <Pj+0.5 Yij+1 —Yij  Pi—osyij — yi,j—l) B
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Discretization of the total mass balance in terms of pressure:
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Discretization of the moment balance:
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Discretization of the energy balance in the column:
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Discretization of of the energy balance for the column wall:

OTwj _ . L (Tw,j+1 —Tw; Twj—Twj

o Az Az Az

> + H2(Tj — Tw,j) - H3(Tw,j - Tamb) (43)

From the discretization of the governing balance equations can be seen that scalar quantities are
also accessible on the cell boundaries. This is achieved using a weighted essentially non-oscillatory
(WENO) interpolation scheme, a method integrated in the finite volume method (FVM) to dampen
non-physical oscillations around sharp concentration fronts, that propagate through the column, to
maintain accuracy|[58]. This scheme relation is written as:

. :aovj(l . . > a1, <3 ._1 4 > 44
f]+0.5 a0, T ar; Z(f] + f]+1) + a0, + i 2f] ijfl ( )
Where o ; and o1 ; are written as:
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B 1/3
TG faro)
This approach allows the balance equations to be readily calculated at the cell boundaries. On the
other hand, at the ends of the column there is no available data for the interpolation. In other words,
to interpolate to 7 = 1 and j = N there is information required at j = 0 and 57 = N + 1 that is missing.
this is solved with a half-cell approximation:

fi—fo=2(fi — fos) (47)

Ins1 = v = 2(fnyos — fN) (48)

(46)

A.1.2 Dimensionless Groups

Besides the dimensionless variables for pressure, temperature, loading, velocity, and mass transfer
coefficient, the governing equations make use of a number of dimensionless groups that are specified

below.
Dimensionless variables:
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A.2 [Equalization pressure derivation

Unlike blowdown cycles, equalization cycles have a fixed intermediate pressure that needs to be de-
rived to make sure mass is conserved during the simulation. For example, if the equalization pressure
is chosen to low then too much mass will be transported to the lower pressure column compared to
what would happen in real life. Hence, deriving the right pressure is essential. As discussed, an iter-
ative process is modeled to converge an initial guess to the real equalization pressure within a given
tolerance. This section shows how to derive the guessed pressure for a 2-step, and, 3-step equalization
cycle in the case where COs is adsorbed at Py = 1 bar and desorbed at Py, = 0.1 bar. It must be
noted that these derivations do not take adsorption effects in the lower pressure bed into a count. As
was shown in this study, those effects cause the equalization pressure to be lower than the average
value of the two pressures.

Beginning with the 2-step equalization cycle, and knowing that the equalization pressures is the

guessed as the average pressure of the equalizing columns, two equations can be derived to determine
P1 and PQi

Py + P P+ P
p = 12 A p= 1t (61)
2 2
Substituting one in the other gives:
Pg+P 1 Py,
Pp=—— -+ —= 2
2 5 2 + 5 (62)
Py Py > 4

P=|—+—=)-

? ( 17 2)3 (63)

Therefore, Py is equal to 0.4 bar, and Py is 0.7 bar which can also be seen from the pressure plot shown
in Figure 44. Introducing additional equalization steps allows a deeper equalization that reaches closer
to the desorption pressure. Purity is increased, similar to lower blowdown pressures but maintaining
recovery, and the energy consumption is decreased as a consequence.

Pressure plot of a 2step-EQ cycle
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Figure 44: Pressure plot of a 2-step Equalization Cycle

This can be seen for a 3-step equalization cycle, of which the pressures, can be guessed through solving
a set of 3 equations:

P P P+ P P+ P
plzw A pzzg A Pszg (64)
2 2 2
Similarly, inserting substituting the first equation in the second gives:
Py P ) 4
Py = ( By 4
p) 1 + 5 3 (65)
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Substituting the latter in the third equation gives:

SCNIERN
(70)

As such Pj3 is equal to 0.325 bar, Po = 0.55 bar, and P; is equal to 0.775 bar as shown in Figure
45. Knowing that the equalization depth went from 0.55 bar to 0.4 when using 2 equalization steps
instead of 1, the result of going from 2 to 3 steps indicates a decrease in marginal impact per additional
equalization step (this marginal impact continues to decrease as the depth is 0.28 bar and 0.25 bar
for 4 and 5 step equalization respectively). This shows that there is a trade-off; adding equalizations
steps improves the system’s performance, although the benefit of each successive drops whilst the
complexity and costs increase.

Pressure plot of a 3step-EQ cycle
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Figure 45: Pressure plot of a 3-step Equalization Cycle
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A.3 Validation to reduce number of cells & cycles for each simulation

The PSA model that is used and further developed in this study uses a finite volume method, meaning
that the total column is divided into a number of cells. Increasing the amount of cells increases the
accuracy of the simulation, with the cost of computational power and time. Similarly, as the model
solved the ODE problem a number of cycles is required in order to give a stable solution of the process.
As mentioned in literature, the required number of cycles to reach steady state can vary from 40 to
400 cycles[34]. Subsequently, the required time to compute just a single solution for a parameter study
can take up several hours. Therefore, time is a serious constraint for this type of research.

Yield-purity curve Yield & purity
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40 - Quick Accurate Purity
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35
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Figure 46: Validation of simulation simplification, showing comparable results for a feed mixture of
CO2,02,N2 [0.12,0.1,0.78] with an accurate simulation [16 cells, 50 cycles] and a quick simulation [8
cells, 6 cycles]

Since the primary objective is to identify a range of parameters, for which the PSA cycle is able to
meet the performance indicators, the accuracy is lowered to save computational power. This is done
through lowering the number of cells and cycles. Reducing the simulation accuracy requires validation,
hence this has been tested and shown in Figures 46. In these results can be seen how a 30 minute
simulation achieves significantly close results as that of one taking 6.25 hours. Therefore, decreasing
accuracy as a means to study a broader range of parameters is validated.
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A.4 Separation Methods for NO, & SO, treatment

Besides the carbon capture study, it is also of interest to identify suitable methods to treat NOy
and SOy impurities in the flue gas. Researching such measures is important for the development of
HyGear’s blue hydrogen production technology, as well as a stand-alone carbon capture module for
other flue gas types.

Typical examples of such purification technologies are Wet Flue Gas Desulfurization (FGD) and Se-
lective Catalyc NOy Reduction (SCR) [59]. For FGD, a solution with an alkaline chemical reagent is
used to convert SOy to either solid or liquid products. This chemical reaction can take place at low
(<150 °C) and high temperatures (700-1200 °C), and the reaction can be enhanced using metal oxide
or ammonia based surfaces. Regarding SCR, the technology revolves around splitting NOy gasses to
NO, Ny, and H2O gasses at temperatures above 300°C. This is achieved using ammonia, hydrogen, or
hydrocarbons on a catalyst. For both these technologies there are significant drawbacks in terms of
left-over chemical (liquid) waste due to the nature of the nonregenerable nature of the process, and
required process heat[60]. Therefore, implementing such measures would be counter productive to the
goal of capturing COy with as little energy as possible and produce sustainable blue hydrogen (in fact
carbon neutral, but more sustainable then grey hydrogen).

Alternative methods are being widely researched, of which adsorption methods have gained interest
and are closely bound to HyGear’s expertise[61]. This also brings the possibility of expanding the
current VSA model for this type of separation processes. Zeolite Y, for example, is reported as a suit-
able candidate for simultaneous NOyand SOy adsorption, and has been tested for a flue gas stream at
comparable conditions to that of the SMR flue gas[62]. Although researched adsorbents show promis-
ing separation efficiencies, their stability in a cyclic process and optimal operating conditions are still
two main challenges. The reaction kinetics are another topic of interest, because it is important for
the adsorbent degradation and separation efficiency to promote reversible adsorption reactions and
minimize irreversible chemical reactions with the adsorbent material. Also Activated Carbon has
been researched for the SOy and NOs removal. In low temperature systems, as for this context, it
is preferred to adsorb these impurities in a 2 stage process because activated carbon has a greater
affinity for SO[61]. Normally, NOy promotes the SOy adsorption, although, this is not the case for
Activated Carbon due to the higher permanent dipole moment and polarizability of SOs. Hybrid
catalyst-adsorbent materials can also be used for simultaneous component separation, although this
process remains challenging at low temperatures since the materials show more degradation effects[59].
As such, further studies could be done on solid SOy and NOy adsorption to asses both the feasibility
of simultaneous and stage-wise adsorption as well as an adsorbent material analysis.
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B Additional Figures

Global greenhouse gas emissions by sector

This is shown for the year 2016 - global greenhouse gas emissions were 49.4 billion tonnes CO,eq.
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Figure 47: Overview of the global GHG emissions of 2016[1]
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Figure 48: Isotherm adsorption loading on Activated carbon (a) and Zeolite 13X (b) at 303K for COq,
CO, Ng, CH4, and H2 [30]

60 Sustainable Process Technology



University of Twente & HyGear

AC Isotherms at 323K Zel3X Isotherms at 323K

4.0 1

3.5 1

3.0 1

2.5

2.0 +

15

adsorbed quantity [mol/kg]
adsorbed quantity [mol/kg]

0.5 1

0.0

Pressure [bar] Pressure [bar]

((a)) ((b))

Figure 49: Isotherm adsorption loading on Activated carbon (a) and Zeolite 13X (b) at 323K for COa,
CO, NQ, CH4, and HQ[?)O]
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Figure 50: Isotherm adsorption loading on Activated carbon (a) and Zeolite 13X (b) at 343K for COg,
CO, NQ, CH4, and H2 [30]
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Figure 51: Visualization of the mono- and multilayer adsorption and capillary condensation pro-
cesses|[63]
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Figure 52: Effect of different feed velocities and compositions of CO2/Ny and their respective %4
breakthrough curves on, figures (a),(c),(e),(g) Active Carbon, and figures (b),(d),(f),(h) Zeolite 13X
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Figure 53: Adsorbent loading on (a) Active Carbon, and (b) Zeolite 13X for the longest adsorption
duration possible according to the minimum yield requirement of 80%
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Figure 54: effect on N3 loading on a saturated Zel3X adsorbent ben using different desorption pressures
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Figure 58: Visualization of the flowsheet made in DWSIM to simulate the achievable water separation

for a given cooling duty
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PROPERTIES TABLE
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Figure 59: Visualization of the flowsheet made in DWSIM to calculate the required cooling duty to
lower the water content to prevent adsorption onto the zeolite adsorbent used in the second VSA stage
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Figure 60: Loading profile on a multi-layered column after adsorption
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Figure 61: Cost relation for a vertical carbon steel vessel used to derive the costs of the gas-liquid
separator operating at atmospheric pressure[54]
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C Additional Tables

Table 9: Input parameters & operating conditions used in the dynamic VSA model, adapted from [35]

’ Parameter H Value ‘ Unit ‘
Column Settings
L 1 m
Tin 0.1445 m
Tout 0.162 m
€ 0.37 -
€p 0.35 -
Ip 0.001 m
T’ 3 -
Process Properties and constants
ps (AC/Zel3X) 842/1130 kg m™
Pw 7800 kg m_3
Cpe 30.7 J molt Kt
Cp,a 30.7 J molt K-
Cps 1070 J kgt Kt
Cp,w 520 J kgt Kt
U 1.72 - 107 kg m st
Dy, (CO2/Ny/H20) 1.6 /2.1 /24-10° m? gt
0% 1.4 -
K, 0.09 Jmt Ktgl
Ky 16 Jmt K?ts!
H;, 8.6 Jm?K! gl
Hous 2.5 Jm?K!g!
R 8.314 J mol! K!
Operating conditions
Preed 1 bar
PH 1 bar
Veed 0.25 m st
Teed 298.15 K
Tamb 299.15 K
PO PH bar
To Tfeed K
Vo Vieed m s

Table 10: HyGear’s Dual site Langmuir adsorption parameters on Activated Carbon

y | CO2 Ny Unit \
db,m 1969.61 944.81 mol m™
ddm 1969.61 944.81 mol m
A Uy || -17223.0 -16200 kJ mol!
A Uq || -17223.0 -16200 kJ mol!
do 1.65 - 10 5.9064 - 106 m?3 mol !
bo 1.65 - 10° 5.9064 - 106 m?> mol!
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Table 11: Dual site Langmuir adsorption parameters on Zeolite 13X[35],[48]

y | CO, H,0 N, | Unit
db.m 3491.7 5766.39 6599.2 mol m™
ddm || 2870.2 14486.6 0 mol m™
A Uy || -36641.21 -44210 -15800 kJ mol!
A Uq || -35690.66 -40160 0 kJ mol!
do 8.65 - 1077 9.56 - 1078 2.50 - 106 m?3 mol™!
bo 2.63 - 108 2.10 - 10 5.9064 - 10 m?3 mol!

Table 12: Water vapor adsorption on Activated Carbon|[38]

| H20 Unit |

db,m 15821.18 mol m™
dd,m 0 mol m™
A Uy || -4.048 - 10* kJ mol!
AUg || 0 kJ mol !
do 5.660 - 107 m? mol!
bg 0 m?3 mol!
Qee 8268.44 mol m™3
B 422.1

v 0.03435

¢ 0.04162
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