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In the end, Mother Nature has
the final say.
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Summary

The conversion of relatively inexpensive methane into more valuable derived chemical products is ex-
pected to gain importance in the coming decades. The current project focusses on a combination of two
processes for conversion of methane into more valuable products. Steam reforming (SRM) is a well-known
industrial process that can be used to produce synthesis gas (CO + H2), which is the precursor used in
Fischer-Tropsch synthesis. The products obtained in this process can be relatively easily transported and
can be used for example as fuel. Oxidative coupling (OCM) of methane is a process that up to now has only
been researched in laboratories. Reactants for this catalytic process are oxygen and methane. It’s function
is to convert methane into ethane and, more preferably, ethene. These products, as well as derivatives
possibly produced on-site, represent high economic value. The process faces considerable obstacles be-
fore commercial application can be realized, but with rising oil prices and improved reactor concepts this
process might become feasible.

The challenge of this project is to come to a reactor concept for combining these two processes into one
reactor. The goal is to come to an overall autothermal process. Steam reforming is a strongly endothermic
process. The product distribution is mainly thermodynamically determined. The OCM reaction is strongly
exothermic. The product distribution is reaction rate controlled.

Before coming to a reactor concept, a thorough understanding of the processes at hand is needed in or-
der to determine boundary conditions. After considering thermal integration, among different alternatives
generated a reactor concept was chosen. The principle is to perform oxidative coupling of methane inside
a tube in which distributive feeding of oxygen takes place. Besides allowing for maintaining a low partial
pressure of oxygen, increasing selecitivity, this results in a relatively uniform production of heat along the
tube. In order to come to a smooth temperature profile, the relatively uniform production of heat needs
to be matched with a relatively uniform cooling, driven by the SRM reaction. This (conceptually) was
achieved by performing the steam reforming in a fluidized bed. An extension of the concept has been the
addition of the concept of reverse flow to the OCM reaction tube. Not only was a favourable effect on the
temperature profile in the OCM catalytic section expected. Additionally, the addition of inert sections in a
reverse flow configuration allows for cold feeding and, more importantly, quenching directly at the outlet
of the reactor.

A model was built to simulate the OCM membrane reactor, including the possibility of reverse flow
operation. Uniform cooling by the fluidized bed has also been included. Central assumptions have been
that radial temperature and concentration gradients, both for the catalyst particles as for the catalyst
compartments as a whole, were ignored. A homogeneous model was employed. The model was largely
based on the work of Smit [Smi06].

Simulation results reflect the expected increase in selectivity. Calculated results show a far higher
selectivity than was ever experimentally obtained (45 vs. 35%); resulting figures are to be considered
indicative for the feasibility the concept conceived. After initial calculations a base setup was chosen. The
length of the catalyst section of the OCM tube was 1m of which the middle 2

3
meter was fed with oxygen.

Oxygen was fed from an inner tube with an outer diameter of 1.3cm to the concentric catalytic section
with an inner diameter of 2.5cm. The outer wall of the entire catalyst section was in thermal contact
with the fluidized bed at a temperature of 780◦C, whereas in the catalytic section for OCM a more or
less constant temperature of about 810◦C was reached in the reaction region. An indication of a desired
length of inert sections is 1m. An overall molar feed ratio of CH4:O2=4 was chosen.

The effect of reverse flow operation within the OCM catalytic section was shown to be limited because
of efficient cooling. Switching time will primarily depend on requirements for the inert sections.

On the part of overall thermal efficiency, it was found that reforming the outgoing stream minus the C2

products per tube requires significantly more heat than released by the OCM tube. Possible countermea-
sures are adjustment of the molar feed ratio for OCM or the use of a prereformer. It was however found
for the base case chosen that the fluidized bed can be operated in a feasible fashion.

iv



The current results show that conceptually the reactor concept can be feasible, for this process and
possibly other processes. However, radial mass transport is the Achilles heel of the concept. Additionally
the wish for integrated autothermal operation puts strong limitations on freedom for design. The current
membrane reactor concept differs from conventional membrane reactor concepts in that generally reactant
is fed distributively from the outside of a tube containing catalyst, whereas in this case this was done from
the inside, in order to enhance thermal contact with the fluidized bed. Additionally, initial calculations
show that a homogeneous radial concentration profile of oxygen is far from what is to be expected. Reac-
tions will occur relatively close to the point of injection, enlarging the overall resistance to heat transport
and reducing product selectivity by undesired reactions and bypassing.

In future work (counteracting) diffusion limitation and it’s effects should be the first thing considered,
possibly backed up by experiments.
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1. Background of the project

The current chapter gives a background in the field of the use of methane, especially methane
found far from populated areas. This includes different trends of using methane gas from
remote areas, including advantages and disadvantages. Also shortly attention is given to the
combination of exothermic and endothermic processes. Resulting in the goal of the current
project.

The reader that is interested in the chemical conversion of low molecular mass feedstock is
referred to reviews in literature, e.g. given by Baerns and Buyevskaya [BB98a]. Examples are
oxidative dehydrogenation of ethane and oxidative coupling.

1.1. Uses of methane

Methane is mostly found as the major component of natural gas. Typical compositions of nat-
ural gas are found in Ullmann’s Encyclopedia of Industrial Chemistry [HRM+06]. It typically
contains about 80% CH4 and about 1% CO2. The geographical distribution of methane (CH4)
is, for example, given by Lunsford et al. [Lun00] and by Smit [Smi06].

Methane is often found far away from industrial complexes, and often offshore. For trans-
portation to inhabited areas, two options prevail. The first is direct liquefaction of methane by
cryogenic techniques, requiring the energy-intensive cryogenic cooling of the gas, after which
the gas can be transported by ship. After transport the methane can be heated by burning part
of the methane.

Smit [Smi06] points out that given the existing infrastructure for liquid fuels, liquefaction of
natural gas is a good mid-term solution for the energy demand in the transport sector as well
as large-scale power generation. This is the second option. For this option, methane needs to
be converted.

For conversion of methane into other chemicals, a distinction is made between direct and in-
direct routes. The latter always involves the conversion of methane into synthesis gas, which is
subsequently converted into desired products. The current project aims to combine an exother-
mic direct route, the exothermic oxidative coupling of methane, with an indirect endothermic
route, steam reforming. Thus, the aim is to combine two processes for production of bulk
chemicals.

1.2. Combination of exothermic and endothermic processes

The idea of combining exothermic and endothermic processes is not new. See for example Van
Sint Annaland [Ann00], Kolios et al. [KFE02] and Sundmacher et al. [SKSM05]. It is clear that
advantages are mostly found for application in remote areas where there is no possibility for
useful integration of waste heat of separate processes, which in contrast can be and is done in
large industrial complexes. For example, it is reported that in conventional steam reformers,
only about 50% of the heat released by the burners is used for steam reforming. [KFE02] Waste
heat can for example be used for steam reforming.

It must be noted that doubts about the feasibility of integrated processes have been expressed
in literature. Stitt [Sti04] points out that although multifunctional reactors have been exten-
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sively researched for over 50 years, only a few applications can be found. These have in com-
mon that they benefit from process or engineering simplicity. Of special interest is the stability
and ease of control of the processes, since the integration might lead to chaotic behaviour. The
so-called 80-20 rule should be kept in mind when considering full integration versus partial in-
tegration; an increase of complexity versus an increase of process integration must be carefully
considered. Integration typically results in loss of degrees of freedom, often accompanied by
other problems.

A special focus on industrially applicability, thus, is needed in this project.

1.3. Transport of products

A possible product from methane on remote locations is ethene. When cryogenic technology is
used to recover this product from a gaseous stream with unreacted methane as major compo-
nent, it will be in the liquid, low-volume state after recovery already. This is in terms of density
the preferred state for transport, in which it will have a density in a similar order of magnitude
as methane (opposed to the gaseous state). Of course, any transport of methane that would
normally be converted into unavoidable waste products would be avoided by conversion on the
location of methane recovery.

In order to ensure safer transport conditions, the ethene produced could also be converted
into final products. This causes loss of flexibility for application of the ethene produced opposed
to transporting it to the main land and selling it on the spot market. The final choice in this re-
spect will be a matter of economic analysis and safety considerations. Tankers for the transport
of ethene have been employed already [SSO01].

As for the products derived from the steam reforming, it is assumed that these will be trans-
ported in the liquid state, as was proposed by Smit [Smi06].

1.4. The goal of this project

Two processes to produce chemical feedstock in remote locations from methane are oxidative
coupling and steam reforming, the latter followed by Fischer-Tropsch synthesis. Oxidative cou-
pling is exothermic and steam reforming is endothermic. The main reactions are given in table
2.1. Combination of these into one process could conceptually result overall in a preferentially
slightly exothermic process. Since production in remote locations is targeted, it is assumed that
in the end hydrogen gas is always produced to be used in synthesis gas and not for use as fuel.

In short, the goal of the project is twofold:

1. To create understanding on combining OCM with SRM. For example it is of interest which
type of reactor can be used. A theoretical overview should be created. Different (mem-
brane) concepts will be compared.

2. To arrive at a demonstration model for combining OCM with SRM.

In order to arrive at a feasible reactor concept, the following conditions are needed:

• A thorough understanding of the process at hand. For this purpose, information on the
elementary reactions was gathered and is presented in this report.

• Boundary conditions for design. Typically this includes many non-quantitative aspects.
Therefore, information on design strategies for reactors has been gathered.
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• Creativity. In the end, reactor design is a creative process. Based on the information found
in literature, multiple reactor concepts have been elaborated, reflecting the needs found
in literature. A selection, having typical characteristics, is presented in this report.

Once a feasible reactor concept has been selected, it’s validity needs to be confirmed. First by
numerical experiments, next by real-world experiments. Numerical demonstration of the key
characteristics of the process at hand was achieved in this project. Technical realization of a
demonstration reactor remains and will have to depend in part on the practical experience of
qualified technicians.

4



2. Reactions: mechanisms, kinetics and thermodynamics

This chapter discusses reaction mechanisms, kinetics and thermodynamics. First catalytic ox-
idative coupling is discussed and next steam reforming is discussed. In this chapter no choice
has yet been made on combining or separating the reactions in space.

Since some reactions can occur for both steam reforming and oxidative coupling, all reactions
to be discussed in this chapter are given in table 2.1. For some trivial names are given, which
were taken from the work of Smit. [Smi06]

The outcome of this chapter will be the selection of an appropriate kinetic scheme for oxida-
tive coupling of methane (OCM) and a firm understanding of steam reforming (SRM). Typical
reaction conditions and boundary conditions for performing the reactions will be given.

2.1. Catalytic oxidative coupling

Catalytic oxidative coupling of methane to higher hydrocarbons is regarded as a potential route
to ethylene or liquid fuels. More than 600 publications have appeared on this topic. After
the most promising areas of catalyst development had been explored, a yield that would make
the process commercially feasible had not been found.1 Research efforts were then focussed
studying reactor configurations and modes of contact [LSM94]. However, knowledge of the
characteristics of the reaction is crucial in order to come to an optimum reactor design.

2.1.1. Reaction schemes

The number of reaction steps involved in the oxidative coupling of methane is tremendous; it
concerns a very complex reaction system. A compromise between desired accuracy and con-
straints resulting from computation time thus needs to be found [PM98] for any reactor model
built on the basis of a given more or less complex reaction scheme. Some reactions in this field
have gotten specific names.

After comparing multiple models from literature, it is stated by Mleczko and Baerns [MB95]
that “a reaction scheme applicable for all catalysts was not found”; the scheme thus in general
differs per catalyst. Common features, however, were found. Examples are a lower reaction
order in oxygen for C2 formation [LDMM97] than for combustion and a drop in selectivity for
increasing methane conversion. Schemes for both homogeneous and heterogeneous reactions
are given by Mleczko and Baerns. They also warn, like Tuinier [Tui07] does, for using reactors
in which backmixing occurs, since consecutive reactions can be detrimental for yield. [MB95].

As a basis for the current work the scheme as developed by Stansch et al. [SMB97] for the
very active La2O3 catalyst is used. By eliminating reactions from this scheme, simpler schemes
relating to other catalysts can be obtained, as was shown by Tuinier [Tui07], in his case for the
Mn/Na2WO4/SiO2 catalyst.

1Lu et al. [LDMM97] indicate that for an OCM process to be feasible, single pass C2 yields should be higher than 30
percent. Despite extensive catalyst screening, a catalyst able to accomplish this by itself has not been found, so that
improvement of single pass yield should be found from reactor design improvements. Cordi et al. [CPRL97] even
indicate a minimum required yield for single pass mode of 40%. Lafarga et al. state that yields should be between
25 and 30%, depending on selectivity, when undiluted methane and oxygen are used. Lu et al. [LDMM97] precise
this to be based on a single-pass conversion of 35-37% with a selectivity of 85-88%.
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Table 2.1.: Common reactions in the field as given by Stansch [SMB97] and Smit [Smi06].
Reaction enthalpies based on the data by Daubert and Danner [DD85] and evaluated
at 810 ◦C, 1bar.

Oxidative coupling reactions [SMB97]

Full combustion
CH4 +2O2 → CO2 +2H2O (2.1) ∆Hr = −802 kJ/mol CH4

2CH4+0.5O2 → C2H6+H2O (2.2) ∆Hr = −87 kJ/mol CH4

CH4 +O2 → CO +H2O +H2 (2.3) ∆Hr = −271 kJ/mol CH4

CO + 0.5O2 → CO2 (2.4) ∆Hr = −282 kJ/mol CO

C2H6 +0.5O2 → C2H4 +H2O (2.5) ∆Hr = −105 kJ/mol C2H6

C2H4 +2O2 → 2CO +H2O (2.6) ∆Hr = −547 kJ/mol C2H4

C2H6 → C2H4 + H2 (2.7) ∆Hr = 144 kJ/mol C2H6

C2H4 +2H2O → 2CO +4H2 (2.8) ∆Hr = 234 kJ/mol C2H4

Water-gas-shift reaction
CO + H2O → CO2 + H2 (2.9) ∆Hr = −34 kJ/mol CO

CO2 + H2 → CO + H2O (2.10) ∆Hr = 34 kJ/mol CO2

Main steam reforming reactions [Smi06]

Steam reforming
CH4 + H2O ⇀↽ CO +3H2 (2.11)

Water-gas shift
CO + H2O ⇀↽ CO2 + H2 (2.12)

Dry reforming
CH4 +CO2 ⇀↽ 2CO +2H2 (2.13)

C2H6

COCH

CO2

4 C2H4

Reaction scheme of heterogeneous OCM reactions as presented by Stansch [SMB97].
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Pak [PQL98] states that a considerable body of experimental evidence supports the view that
CH3 · radicals formed over the catalyst couple in the gas phase to produce ethane. It is thus
important that the catalyst efficiently forms these radicals without scavenging the radicals in
side reactions over the surface.

By adopting the heterogeneous reaction scheme of Stansch et al. it is assumed that all of the
reactions take place at or very close to the surface of the catalyst; when increasing the volume
of the gas relative to the catalyst surface this assumption might not be valid. A reaction scheme
for homogeneous (thus gas-phase) reactions as provided by Mleczko and Baerns [MB95] and
their references, which can serve as a means to do a worst case calculation. Of special interest
is the thermal dehydrogenation of ethane (relation 2.7), which often is reported as occurring
in the gas-phase [AP06, Tui07, ZB91] at high temperatures. It must however also be men-
tioned that in conventional production of ethene by steam cracking residence time is kept low
on purpose to prevent consecutive reactions towards higher hydrocarbons, which proceeds at
a temperature of 800-850◦C and is quenched at a temperature of 550-650◦C.[ZW07] More
on the equipment used for quenching, the so-called transfer-line heat exchangers, is given by
Sundaram et al. [SSO01]

The approach in this work will be that for proof of principle only the heterogeneous reactions
as described by Stansch et al. is taken into account and that experimental validation will have to
show the validity of this assumption. It was shown by Tuinier [Tui07] for the Mn/Na2WO4SiO2

catalyst that gas-phase reactions can have a significant contribution especially at higher O2

partial pressures.

2.1.2. Influence of temperature

High temperatures (> 580◦C) are needed to initiate the OCM reactions [AP06, SMB94], the
exact temperature depending on the catalyst.

The exact catalyst also determines the temperature of maximum product selectivity and yield,
which is also dependent on partial pressures of reactants and mixing patterns. A common
feature for all OCM catalysts is that the activation energy of the primary selective step, the
formation of ethane from methane is greater than that of nonselective primary steps, causing
product selectivity to be higher at higher temperatures for heterogeneous kinetics [MB95].

In the current work, the kinetics as measured by Stansch will be preferentially kept within
the window in which they were measured (700-830◦C), unless stated otherwise.

2.1.3. Influence of pressure

A high total pressure, increasing the partial pressure of oxygen, may be beneficial to the ability
of the catalyst to produce radicals. [PQL98] At elevated pressures the extent of gas-phase reac-
tions is substantial for the conditions for high CH4 conversions [PM98]. Experimental influence
of pressure on methane conversion is given by Hou and Hughes [HH01]; it is also indicated by
them that increasing pressure increases both forward and backward reaction rates.

In the current work, the choice is made to adhere to the typical experimental conditions of
atmospheric pressure, since the reactions of primary interest take place at the catalyst surface
and increasing the extent of gas-phase reactions typically would be detrimental for product
yield. Since the use of low pressure is also common in ethane cracking [SSO01] this is also
thought to be a realistic choice for the full process.
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2.1.4. Undesired catalysis

Besides the catalyst, the gas stream contacts other materials, in particular the materials of
construction. In literature catalytic effects of these materials in the case of methane and oxygen
in contact have been reported. These are:

Stainless steel This catalyses the fast oxidation of methane and hydrocarbon products in the presence of
O2 and high temperature. [LSM94, QZWT96]. Also, severe coke formation was observed
when using stainless steel for OCM experiments [Tui07].

Alumina and silica In order to reduce the acidity and associated catalytic effects of the alumina and silica
phases present in their porous membrane, Lafarga et al. [LSM94], using a packed bed
membrane reactor, treat the membrane with Li2CO3 impregnation in order to make it
more alkaline and therewith decreasing the intrinsic activity; the methane conversion over
an empty membrane decreased. [CMS94b] Quartz (SiO2) reactor walls seem to catalyze
gas-phase OCM somewhat less than ceramic (Al2O3) reactor walls.[QZWT96]

2.2. Steam reforming

As a potential route to relief the strong exothermicity of the OCM reaction, a combination with
the strongly endothermic steam reforming has been proposed.

There are basically three major processes used to produce hydrogen from hydrocarbon fu-
els [DC04]:

1. Steam reforming (SRM)

2. Partial oxidation (PO)

3. Autothermal reforming (ATR), which basically combines the thermal effects of SRM and
PO.

The most extensively studied of these is steam reforming. In this process, methane reacts with
steam in the presence of a catalyst. The products are hydrogen, carbon dioxide and carbon
monoxide. This process is highly endothermic. The adiabatic temperature drop for the SRM
reaction corresponds to about 1000K [KFE02]. These reactions also serve to produce synthesis
gas. Ideal ratios for different components within this product gas are given by Smit [Smi06]. An
overview of the composition and temperature of the product gas for different purposes such as
H2 production or methanol synthesis gas can be found in Ullmann’s Encyclopedia of Industrial
Chemistry [HRM+06]. The choice is made in this project to use steam reforming not as a source
of hydrogen, but as a source of synthesis gas.

2.2.1. Reaction schemes

The catalytic reaction mechanism of steam reforming as generally agreed upon is given by
Trimm [Tri99]. Given a sufficient supply of heat, the dissociative adsorption of hydrocarbons
seems to be the rate limiting step. For higher hydrocarbons this step is much faster than that for
methane.

A graphical representation of the reaction steps is given by Trimm [Tri97].
Steam reforming is generally done over a nickel (or the more expensive Rhutenium [SCB+01])

catalyst. However, nickel catalysts are also reported to be used in oxidative reforming of methane [CYE03].
A widely accepted reaction mechanism for this is methane combustion followed by both steam
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and carbon dioxide reforming. A set of rate equations for a Ni/Al2O3 catalyst is given by Chen
et al. [CYE03]

Whether combustion and reforming occur in parallel is dependent on the state of oxidation
of the Ni catalyst. If it is fully reduced, the reactions do occur in parallel.[SCB+01].

2.2.2. Kinetic parameters

Hoang and Chan [DC04] give kinetic data by Xu and Froment for a Ni catalyst based on the
Langmuir-Hinshelwood model. Data for gas-phase reactions is not given by Hoang and Chan.

Chen et al. [CYE03] refer to the same kinetics as the most general and reliable expression for
this process over a nickel catalyst. Many researchers have used these kinetics. Chen et al. also
give the rate expressions and also do not give gas phase reactions. The possibility of occurence
of gas phase reactions is considered by De Smet et al. [SCB+01] for the case of partial catalytic
oxidation. It is stated that when operating at high temperatures and pressures, homogeneous
gas-phase reactions can become important. This should of course be checked for the current
case, for which the models as referenced by De Smet et al. can be usefull.

Another convenient overview of combined kinetics for methane combustion and SRM, as
well as a literature review of measurements of SRM kinetics, is given by C.S. Patil [Pat05]. This
overview is recommended as a basis for the current project.

Normally, the composition of the gas at the outlet of the reactor reflects the chemical equilib-
rium, although within the reactor the gas is not in equilibrium at all places. The exception is the
formation of coke, which has been shown to be controlled by kinetics above 700◦C [HRM+06].

In case the catalyst is too active, measures as described by Aguiar et al. [ALRCK01] can be
taken.

Especially at high temperatures, not kinetics but diffusion limitation may be limiting to re-
action [HRM+06]. Diffusion limitation may be overcome by using a powdered catalyst in a
fluidized bed. [CYE03] Kolios et al. [SKSM05] show that even when assuming infinitely fast re-
action, still a rather large (10m) tubular reactor is needed to achieve an acceptable conversion
because of heat transfer limitations, which should be fulfilled before kinetics can play a role at
all.

2.2.3. Influence of temperature

Temperatures applied in industrial tubular steam reformers nowadays go up to 950◦C, whereas
until the early 1950’s the temperature was limited to 800◦C. [HRM+06] A similar temperature
region is often the choice in studies in literature. More on industrial conditions is given in
section 2.2.5.

The spectrum of products formed in steam reforming is mainly controlled by thermody-
namics [Tri97, GPB04], which may partially be due to the swift kinetics at high tempera-
tures [ALRCK01].

An important finding related to the current project is that even at lower temperatures (400-
550◦C), higher hydrocarbons can be converted to methane, as is discussed by Christensen [Chr96].
In this case, also a nickel catalyst is used.

Glöckler et al. [GGM+04] indicate that to ensure sufficient conversion, the temperature
should rise to 800◦C and upon cooling the reverse reaction should be avoided by using non-
catalytic material. Of special interest is the strong sensitivity of the thermodynamic equilibrium
on temperature around 800K or 530◦C. Kolios et al. [KFE02] confirm the desired operating
temperature of more than 800◦C. Aguiar et al. [ALRCK01] confirm that the process is usually
performed between 750 and 900◦C, resulting in swift kinetics, although they take 850K as local
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Figure 2.1.: Equilibrium composition for methane reforming at 500 to 1000◦C and pressures
(in the direction of the arrows) of 0.1, 0.5, 1, 1.5, 2, 2.5, 3, 3.5, 4 MPa. Molar
steam: methane ratio 3.333. Adapted from Ullmann’s Encyclopedia of industrial
chemistry [HRM+06]

temperature for their simulations of a SRM catalyst particle. Thermodynamic limitations can be
possibly overcome by the use of hydrogen-selective membranes in a fluidized bed [CYE03].

The current work takes a best case approach with regards to steam reforming. Reaction is
considered to always proceed towards equilibrium for a chosen temperature. The temperature
is defined by cooling requirements for the OCM reaction. Thus, amongst others it is assumed
that no bypassing of heated yet unreacted steam reforming feed into the reactor exhaust occurs.

2.2.4. Influence of pressure

The process has been performed in tubular furnaces at various pressures in the past. Initially, it
was performed at 0.4-1MPa. Nowadays, pressures up to 4MPa are employed.[HRM+06]

For a thermodynamic reactor, typically methane conversion decreases with increasing pressure.[GPB04]
This is also shown by the results shown in figure 2.1

The adsorption of a species on the surface of a catalyst is dependent on the partial pressure of
the species itself as well as of the partial pressures of the other components present when using
the Langmuir-Hinselwood model.

For the current work the assumption is made that the steam reforming takes place at labora-
tory conditions, thus at relatively low pressure.

2.2.5. Typical industrial operating conditions

Opposed to the OCM process, steam reforming is a well known process in industry. The exact
conditions strongly depend on the final goal of the steam reforming, such as the production
of hydrogen or the production of synthesis gas. Typical operating conditions for the steam
reforming are taken from literature, giving:
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Table 2.2.: Feed gas composition of an industrial steam reformer [CYE03]. Feed composition
approaches molar ratio H2O:CH4:H2= 5.5:1:1 as given by Hou and Hughes [HH01]

Component Feed rate (kmol/h) Mole fraction

CH4 3.953 0.20
CO2 0.478 0.02
CO 0 0
H2 0.961 0.05

H2O 14.08 0.72

• Temperature: 700-800◦C [Tri99]. Hou and Hughes [HH01] used a temperature of 525◦C
(798K) for their experiments. Patil [Pat05] indicates that a typical temperature range for
a steam reformer is 850-950◦C. A wide range of temperatures, thus, is available. In con-
ventional steam reforming reactors the process gas is preheated up to 500◦C [HRM+06]
before being released into the high temperature steam reformer.

• Pressure: 0.1 MPa (experimental conditions for OCM [MB95]). Syngas production tech-
nologies pressures however are typically 20-60 bar [Smi06], presumably to limit the re-
quired size of the equipment. Indeed, it is confirmed by Mleczko and Baerns [MB95] that
the total pressure will be a major factor in determining the reactor size and the duty of
the compressors in the separation section. A more specific range of 15-30 bar is given by
Patil [Pat05], and is given to originate from thermodynamic limitations and downstream
compression requirements. However, at this point it is not clear if the OCM reaction will
occur at that pressure.

• Steam fraction: by using only steam and methane as a feed, coke formation was found
to be severe as given by Hou and Hughes [HH01]. A reasonable composition to prevent
coking (for their catalyst) seems to be molar ratios H2O:CH4:H2= 5.5:1:1. Since their
experiments were performed for low (incomplete) conversion, an equilibrium composition
cannot be taken from their work. It should be mentioned that their study focussed on the
production of hydrogen (and carbon dioxide), whereas in this study, since it is intended for
production of liquid fuels at remote locations, the goal is to produce a mixture of synthesis
gas (of which the ideal ratio is given by Smit [Smi06]) and ethane and methane.

Chen et al. [CYE03] give the feed composition for an industrial fixed-bed steam reformer.
It is given in table 2.2. It is in the same range as that given by Hou and Hughes [HH01]
and will be used for the remaining part of this work.

The processes following steam reforming typically are Fisher Tropsch synthesis, operating at
about 200◦C, or high temperature shift for hydrogen and ammonia plants, operating at 400◦C.
Therefore, heat exchange reformers are applied in industry upfront autothermal reforming,
taking care of about 75% of the reforming. [Sti04]

2.2.6. Using the SRM stream as coolant

Steam reforming itself is mentioned in literature as a possible transport carrier of heat using the
so-called Adam-Eve principle. [HRM+06] In this case a forward reaction is used to remove heat
from places with an excess of thermal energy and a reverse reaction is used to release this heat
where it is needed.
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Figure 2.2.: Heat absorbing capacity of one kilogram of a typical SRM stream composition
(given by table 2.2) as a function of temperature, assuming infinitely fast reaction
rates and no heat transfer resistances, thus for illustrational purposes only

When considering the SRM a coolant for the exothermic OCM reaction, attention must be
given to the point that the heat uptake capacity is strongly dependent of the temperature al-
ready reached by the SRM stream, reacting to equlibrium. This has already been mentioned by
Kolios et al. [KFE02], who state that once the endothermic reaction reaches almost complete
conversion, the heat sink in the respective part of the catalytic zone vanishes. This could cause
a runaway of an associated exothermic reaction.

In order to study this effect in more detail, an Aspen simulation has been run.2 When plotting
the results into a graph, figure 2.2 is obtained. The reason that the heat capacity is plotted for
one kg instead of e.g. one mole is that the total number of moles, and thus the volume flow,
is not constant as conversion increases; it increases. However the mass flowing through is a
constant.

From figure 2.2 it can be seen that indeed at a certain temperature range cooling capacity
reaches it’s maximum as far as thermodynamics is concerned. However, as was already indi-
cated in section 2.2.2 other factors, amongst which additionally diffusion limitation and catalyst
deactivation, may be determining the actual extent of conversion and hence this section can only
be considered to be giving an indication.

2The simulation consisted of two equilibrium (Gibbs) reactors in series. The feed consisted of 1kg/s of the typical SRM
reaction mixture as given in table 2.2. The pressure was constant at 1 atmosphere. A setpoint Tset was chosen. The
temperature of the first reactor in the sequence was set to 0.5◦C below Tset; this reactor heats the mixture up and
allows the reaction to proceed to equilibrium. The temperature of the second reactor in series is set at 0.5◦C above
Tset. Since by definition we have:

Cp ≡
(

∂H

∂T

)
p

(2.14)

now the heat duty of the second equilibrium reactor (approximatively) gives the heat capacity per kg/s of flow at
the temperature Tset.
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Part II.

Reactor concept
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3. Reactor design: practical approach

3.1. Approach

Reactor design is a creative process, as it is stressed by Jacobs and Jansweijer [JJ00]. These
authors argue in favour of a strategy that minimises the impact of retracting intermediate con-
clusions by moving information that is not likely to change to the front of the selection process.
Their paper gives listings of properties to take into account when doing the selection. A distinc-
tion is made between hard properties (scale, heat and catalyst replacement), specific properties
(e.g. temperature rise) and soft properties (e.g. pressure drop). This can be used as a checklist
in the current project.

A subdivision into different families for Gas-Solid reactors is given by Van Swaaij, Van der
Ham and Kronenberg [SHK02], who very actively reference to the work of Krishna and Sie[KS94].
Specific advantages and disadvantages of the different families are given, too.

It will be no surprise that this work first started with a (very limited) literature study to gather
necessary data (while setting the framework for arranging the data) and modelling to fill the
gaps was only done later. Learning (about different allowable concepts) was done along the
way; hence going back to literature later on might be needed. However to avoid rework from
the start on documentation was ensured.

A design strategy has not been enforced, however the aids given by the articles of Krishna
and Sie [KS94] and of Van Swaaij et al. [SHK02] were used as an important guide. From the
work of Krishna and Sie, the “musts” and “wants” as shown in table 3.2 were taken. Of special
importance to the current project has been the wish for ease of operation. Figure 3.1 shows
the different aspects taken into account along with references to literature and some of the
conclusions that were made. A shortlist is given in table 3.1; these are aspects that are severely
taken into account when choosing a reactor concept.

A central choice, before considering practical reactor configurations in section 6.3 has been
whether the catalysts should be combined in one physical space, or should be physically sepa-
rated from each other. The choice was made in section 5 to separate these in space.
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Table 3.1.: Shortlist of highly desired characteristics of reactor design concept

• Safe operation

• Ease of operation

• Ease of construction

• No steep temperature gradients
or other sources of mechanical
strain

• No undesired catalysis

• Separation of mass streams

• Good thermal contact of SRM
and OCM streams

• Catalyst diameter indication
taken from Smit [Smi06]: 3mm

• SRM specific:

– Good heat supply to SRM

– Reaction is heat supply limited, runs
to equilibrium

• OCM specific:

– Product yield determined by kinetics,
backmixing undesired

– Catalyst typically difficult to fluidize

– Highly exothermic

– Preferably low oxygen partial pres-
sure

– Quick drop in temperature desirable
for quenching

Table 3.2.: General “musts” and “wants” for reactor selection. Adapted from Krishna and
Sie [KS94]

Musts Wants

• Operability within reaction restaints of
temperature, pressure and residence time

• Safe operation (without runaways)

• Environmentally acceptable

• Feasible scale-up to economic size

• Maximum possible conversion

• Maximum possible selectivity to desired
products

• Easy operation

• Low capital and operation cost, e.g.
from:

– low pressure drop
– effective utilization of reactor space
– simple constructs

• Feed and exit streams should be
“cold”. [KFE00]; for this countercur-
rent heat exchange or regenerative heat
exchange are to be considered.
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Figure 3.1.: Overview of different design strategies found in literature and parameters to take
into account
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4. Separation technologies

Although the current work is about the design of a reactor, of course when designing a reactor
the impact of choices made on the remaining part of the chemical plant must be taken into
account. A major part of the chemical plant normally consists of equipment for separation
of chemical components. A short description of the separation technologies most commonly
used in processes similar to those under consideration is given here, with special attention to
the OCM reaction. Separation technologies related to preparation of natural gas for SRM are
considered known technology and thus for example the removal of water (steam) or CO2 from
natural gas(-like) streams is not discussed here.

4.1. Cryogenic distillation and chromatographic methods

Cryogenic distillation has been generally considered for the separation of the reactor effluent
in OCM studies. [MB95] Due to the low C2 content of the product stream the separation of
C2 products is very expensive in this way. Baerns and Buyevskaya mention chromatographic
methods as well as temperature- and pressure swing adsorption as alternatives. [BB98b] Related
to this technology are the countercurrent moving bed reactor as discussed by Mleczko and
Baerns [MB95] and the simulated moving bed reactor as discussed by Tonkovich [TCA93].

An example of a flowsheet for cryogenic separation in OCM can be found in Vereshchagin
et al. [VGA+98]. They use part of the excess heat from the OCM reaction for pyrolitic dehy-
drogenation of ethane. A more advanced flowsheet, in this case for separation after ethane
cracking, is given by Sundaram et al. [SSO01]

4.2. Adsorption

Adsorption has also been reported in literature as a means to separate C2 hydrocarbons from the
reactor stream, possibly improving reaction yield and selectivity significantly. Olefinic products
can be selectively adsorbed [AP06]. However, afterward desorption with a carrier gas (nitrogen)
at atmospheric pressure is reported to result in a gas stream with a 1% C2 content. [TCA93]
The advantages gained by added yield and selectivity, thus, are very likely offset by the added
additional requirements for product recovery and by the increased complexity of operation.
Materials of adsorption have been active charcoal [TCA93] and a molecular sieve trap [MV03].
The molecular sieve trap traps CO2 and H2O as well as C2H4 and, to a minor extent, C2H6.
So, when considering the separation technology for removing CO2 and H2O prior to cryogenic
distillation, care must be taken to ensure that the desired products are not removed along with
these components.

An additional concern for adsorption is given by Stitt [Sti04]. At the operating temperature of
oxidative coupling, typically capacity for physi-sorption is very low. In case of chemi-sorption of
carbon dioxide, regeneration has to be performed at a temperature higher than that at operating
conditions, which would destroy the catalyst. At this point it is considered that chemi-sorption
is not an option, especially for C2. An interesting concept is the “raining fluidized bed”, in which
the adsorbent particles fall through a fluidized bed. However, combined with the difficulties of
material handling reported [Sti04], this is not considered an option for C2 recovery.
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Baronskaya et al. [BWDB96] discuss adsorption on more or less ambient conditions. Unfor-
tunately no results for recovery are given. The relatively high average volumetric content of
ethene (about 40%) was obtained after saturating the adsorbent, surely causing slip-through of
product. Also problems with high adsorption of methane are reported.

4.3. Conclusions

From the above discussion, it is clear that cryogenic distillation will be the key element in
the recovery of C2 product from the gaseous stream. Adding to this adsorption could possibly
reduce requirements on the cryogenic equipment but brings a capital investment itself and it
does increase complexity of process operation. The choice of taking adsorption into account
affects the composition of the gaseous stream leaving the OCM process in two ways:

1. The recovery of ethene could be slightly better or worse. It has been assumed in this work
that a recovery of less than 70% (primarily by cryogenic techniques) is simply unaccept-
able. Adding adsorption to recover the remainder then concerns possible removal of the
remainder of 30% of the initial C2 content, which will then be at about 10 vol%. This is
thought to be not severely affecting the final recovery, and hence not worth the trouble of
considering adsorption.

2. When using an adsorber, when desorbing the carrier gas may be a another gas than
methane, such as nitrogen, having a larger difference in boiling point with ethene than
methane. In this case, assuming that no methane absorbs on the absorber, it could be
considered that no methane at all is lost in the separation step. It would be necessary
to use another gas than methane as carrier gas, since it has been found (using Aspen
simulations) that in order to “knock out” C2 from a stream using cryogenic techniques, a
significant amount of methane would condense along with it in the first flash drum.

To make calculations independent on whether “ideal” adsorption or just cryogenic distillation
is used, it will be considered that in all cases 70% of C2 product is recovered and that all other
components are sent to the steam reformer; in case of the cryogenic separation this comes
down to increasing the number or flash stages, ergo building a distillation column (or a series
of them) instead of just one flash vessel. The single flash vessel simulation in Aspen has shown
that recovery of 70% of the C2 is possible; isolation of this product from the resulting flash
stream is of secondary concern. Also it will be assumed that water and CO2 are removed from
this stream, since this is necessary in case of using cryogenic equipment.
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5. Resulting process schemes

Given the choice that the two catalysts are not employed in the same space (supplemented by
considerations in appendix J), possible resulting process schemes are given here.

Figure 5.1 shows a conventional process scheme. Low yield and very low ethylene content
in the reaction tail gas present a challenge in the utilization of this ethylene [XXL+02]. This
scheme is not feasible because of the low yield in OCM, requiring a huge recycle of natural gas
along with undesired side-products, necessitating the use of a purge.

An alternative in order to prevent this is shown in figure 5.2. This option avoids the recycle
of methane by sending all unconverted methane to the steam reforming section. At this point it
is assumed that the heat required by the steam reforming is of the same order of magnitude as
the heat released by the oxidative coupling.

The variant shown in figure 5.2 has the following advantages:

• Any side products, such as CO, that possibly are not removed in the separation section are
not recycled to the OCM reactor, but are sent to the steam reforming section where they
are converted into useful product instead. Since the size of gas-treatment equipment is
very much dependent on the magnitude of the gas stream, this might significantly reduce
the required size of the reactor and separation equipment, as well as significantly reduce
compression costs.

• Compression costs may be further reduced because in contrast to the case of the recycle
shown in figure 5.1, the non-product outlet stream of the separation section does not need
to be fully depressurized after the separation. In contrast to the oxidative coupling, SRM
is reported to be performed at elevated pressures, which reduces the size of the steam
reforming equipment. A point of attention in this respect is if the reactor concept chosen
can also operate at elevated pressures for SRM.

Hence the variant shown in figure 5.2 is chosen as the basis of this work. Although choosing this
variant is expected to reduce operational costs and equipment size,a real advance can only be
obtained if a more effective method of separation is found. However, in literature no convincing
account of this was found. Hoping this advance will be made at some time this work continues
to focus on the reactor concept. Reducing the load on the separation equipment, however, is
useful in any case.

For calculations on heat integration the assumptions for the separation as given in chapter 4
will be used.
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Figure 5.1.: A more conventional process scheme, leading to a very large recycle of methane for
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Figure 5.2.: A possible process layout with OCM and SRM in series
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6. Selection of promising reactor concepts

Many different reactor concepts were already considered in literature to make OCM a viable
option. [LSM94] When selecting a more complex reactor configuration over a more simple one,
it must be kept in mind that the increased complexity must validate the increase in complex-
ity. For example, Kao [KLL97] states for the results obtained by Lafarga et al. [LSM94] that
the effect of using a porous membrane reactor instead of a fixed bed reactor on yield is only
marginal. However, it is also reported that it allows a more controllable and safe operation. Dif-
ferent membrane reactors are compared by modeling by Kiatkittipong et al. [KTG+05], using
the Li/MgO catalyst and comparing with a fixed bed reactor, which typically has a C2 yield of
20-25%. For a membrane reactor, the best experimental yield reported is 35%. [KTG+05]

6.1. Fixed bed family

The fixed bed family shows some clear advantages, in the first place the relatively simple con-
struction and operation. Concepts for multiple reactors of this type have been conceived. As
an example, the “Dead End” reactor is described in appendix B because this is a good repre-
sentation of different aspects to take into account. However, the fixed bed family also has a
disadvantage in terms of thermal integration, as described by Kolios et al. [KFE00], which in
the end has lead to it’s elimination for use in both the steam reforming and oxidative coupling
sections as an option for the reactor concept to be elaborated. Some examples of the work of
Kolios et al. [KFE02] are shown in figure 6.2. The concept with distributed feed of oxygen will
be discussed again for the selected concept. Also cocurrent is shown, indicating a large pressure
drop at the onset of steam reforming. In the case of countercurrent the reaction fronts tend to
separate, leading to very delicate, if at all achievable, operation.

In literature, one option described for fixed beds in oxidative coupling is to use the cata-
lyst particles as oxygen carriers, so that feed flow can be switched between air (oxygen) and
methane. However, typically the ability of the catalyst to store oxygen is very limited [Lun00,
MB95]. Hence this option is not considered.
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Figure 6.1.: Dead end reactor concept
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Figure 6.2.: Effect of cocurrent of methane combustion and steam reforming with cofeed of
oxygen (left) or distributed feed of oxygen (right), as demonstrated by Kolios et
al. [KFE02] Figure by Kolios et al.

O2 injection

Expected trouble:
Severe bypassing and combustion
Severe mechanical strain
High steam bypassing

Chromatographic setup

CH4 C2 (enriched)
+CH4

OCM catalyst

Chromatographic C2
retardant
SRM catalyst

SteamCO+H2+H2O

Figure 6.3.: Reactor concept with separation in situ, based on chromatographic principles

6.1.1. Chromatographic reactor

Based on the work of Tonkovich et al. [TCA93], figure 6.3 shows a reactor with a chromato-
graphic separation section. The chromatographic section is supposed to work as a membrane:
due to differences in ease of permeance, methane is selectively transported to the SRM sec-
tion, favouring C2 concentration in the OCM section. In the OCM section oxygen is distributed
through the inlets shown at the very top of the setup.

Despite of the nice concept, the design is expected not to work in reality, partly due to the
reasons already given in the figure.

6.2. Tubular fluidized reactor

The idea of the reactor setup as shown in figure 6.4 is as follows:

• The SRM reaction is considered to proceed until equilibrium. This is why backmixing is
not an issue for this reaction and the choice has been made to fluidize the SRM catalyst
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SRM reaction:
 backmixing not of concern (equilibrium)
 catalyst fluidizable 
 uniform temperature profile

Fluidized bed principle

OCM reaction
 expected T−profile:

L

0

L

T

Fixed bed, no cooling
With fluidized bed

SRM

OCM

O2

Figure 6.4.: Reactor concept with the SRM catalyst in the fluidized state and the OCM catalyst
in a packed bed state, placed within tubes cooled by the fluidized bed. The concept
shown assumes cofeed of oxygen and methane in one flow direction. Variants are
the use of distributed feed of oxygen, possibly with the addition of reverse flow
operation for the oxidative coupling, as shown on the right.

instead of that for OCM.

• At this point, it is assumed that the SRM catalyst can be readily fluidized.

• There is a uniform temperature within the fluidized bed. Hence, the temperature profile
within the catalyst tubings is dampened at the hot spot, but the temperature is not signif-
icantly reduced in other parts of the tubes (as would be the case for example if cooling
intensity were uniform), so that a flattened temperature profile evolves.

• The OCM catalyst in many cases cannot be fluidized; this is why it is preferred to place
this catalyst in a fixed bed; moreover there is the risk of backmixing of products.

Fluidization has been reported as a concept for steam reforming [Sti04].
The intended configuration of the tubes is for example shown on page i. The tube in which

the exothermic reaction occurs is on the outside in order to enhance transport of heat to the
fluidized bed. A variant of the tubes, including distributive feed of oxygen, is shown in figure
6.5. This is intended for reverse flow operation.

6.3. Selected concept

The reactor of choice is the concept given in section 6.2. This avoids the possible very steep tem-
perature gradients and separation of reaction zones as given in the work of Kolios et al. [KFE02]
for fixed bed reactors. The chosen reactor concept is very simple and can be imagined to be a
fluidized bed with some heating pipes that can be switched on and off. This is a familiar concept
in process industry, although the tubes may also be used for cooling. No delicate operation in
order to match the reaction fronts is needed, since the reaction front of the steam reforming is
basically uniform. If straight tubes are used, the building of the conceptual reactor can be very
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Figure 6.5.: Curved tube with distributed feed of oxygen for application in a fluidized bed. In-
tended for reverse flow operation.

similar to that build for Smit [Smi06], extended with a fluidized bed, both for which experience
is available within the group. A tube for distributed feed as described by Smit can be used to
obtain a low oxygen partial pressure for the oxidative coupling. In short, this concept of all
considered corresponds best to the boundary conditions as highlighted in table 3.1.

Now that a choice for a reactor concept has been made, numerical (quantitative) evidence for
the conceptual operability of this (lab-scale) reactor is needed. The next chapter is about how
this information will be obtained. Of special interest is also the theoretical yield of the OCM
reaction, which in any concept found in literature was too low for economical operation.
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Part III.

Demonstration of concept
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7. Reactor model

The final reactor concept is based on the principle shown in figure 7.1, which is basically the
mathematical representation of the concept shown in figure 6.4 shown on page 23. Because
it is desired to have the inlet and outlet temperature at about the temperature of the fluidized
bed and to have a high temperature peak in between, it was expected that reverse flow will be
needed in order to obtain a cyclic steady state for the location of the temperature peak. Hence
a model capable of calculating reverse flow operation is implemented straight away in order to
evaluate the possible benefits.

7.1. Dynamic model

Mathematically, the reactor shown in figure 7.1 is considered a reactor consisting of one or
two concentric tubes filled with catalyst and/or catalytic particles. If present, the inner tube
supplies oxygen to the outer tube according to the distributed feed principle as described by
Smit [Smi06], although in the current case the flow is from the inside to the outside instead of
the other way around, as was used by Smit. The surroundings of the outer tube can be either
a perfectly isolated wall or a fluidized bed at a constant temperature and with a fixed heat
transfer coefficient.

The model is based on an advanced in-house developed code, based on the principles as
described by Joris Smit [Smi06]. This model can dynamically solve convection-diffusion equa-
tions with associated reactions and incorporates heat effects. It is a 1-D model with respect to
space and currently does not take into account intraparticle diffusion limitations for the catalyst.
Central assumptions are [Smi06]:

• “Radial temperature and concentration gradients in the compartments were ignored.
[. . . ] only the development of the axial temperature profiles was investigated. [. . . ]
Nevertheless, the differences in tube and shell temperature were accounted for via overall
heat transfer coefficients.

SRM

OCM

O2

Figure 7.1.: Mathematical representation of the combination of the reverse flow reactor with a
fluidized bed
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• To reduce computational time a homogeneous model was adopted for the description of
the thermal behaviour of the reactor.”

Opposed to the model as used by Smit, the current model does take into account the accumu-
lation terms for the mass transport. These were left in for practical reasons in order to be able
to show the mass transport, but were overruled most of the time as described in appendix H
because the component balances adjust typically at a much smaller timescale after a switch in
flow direction than the temperature profiles do. (Typically 1s versus 300s in real time.)

Amongst others, the model includes after modification by the author:

1. Kinetics as described by Stansch et al. [SMB97]. The calculated kinetics have been val-
idated by comparing with results as given by Stansch et al. and by comparing with
the results of an individual experiment performed by Stansch et al. as given by Tye et
al. [TMB02]. This was possible because basically the experimental setup as used by Stan-
sch is also a tube surrounded by a fluidized bed. The results generally fall within the 20%
error margin as indicated by Stansch. It was also found that changing the reaction rate of
the thermal dehydrogenation of C2H6, for which it is unclear whether Stansch relates this
to the gas volume or to the entire catalytic bed volume, does not significantly affect the
results.

2. Heat effects of the reactions as described by Stansch. This has been validated by com-
paring the results of stoichiometric reactions with results as obtained with Aspen. Every
reaction was considered separately for a stream diluted with nitrogen. (The latter was
done in order to reduce the calculated temperature change.)

3. Addition of the physical properties of CaO, the catalyst carrier, as described in appendix
F.

Further information on validation can be found from appendix A. Relations for amongst others
the pressure drop and axial transport of heat by convection were not validated because these
have been validated in other projects and were not modified.
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Table 7.1.: Conservation equations of the High Switching Frequency Model (HFSM). “s” stands
for shell tube (the outer tube), “t” stand for tube side (the inner tube).

Mass conservation equations, forward direction (→)
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For the backward direction similar equations apply, indicated with (← ).

7.2. The high frequency switching model (HFSM)

For the limiting case of very short switching times in a reverse flow reactor, the HFSM can
be implemented. In this limiting case, the reverse flow reactor approximates a countercurrent
reactor, as was described by Nieken et al. [NKE95]. This allows quick calculation of the cyclic
steady state, as was described by Smit [Smi06]. The method of implementation as given by Smit
has been followed and is not repeated here. A further improvement could be the application
of symmetrical boundary conditions, so that the number of required grid cells can be cut in
half, but it is thought that elaborating this part of the scheme would require more time than
it saves in calculation time, so that this step is not taken. Some other measures to accelerate
convergenge however were taken and are described in appendix H.

The core difference between a countercurrent reactor and the HFSM approximation, is that
both flows share the same energy balance for the HFSM, whereas in a countercurrent reactor
each tube has it’s own energy balance.

The governing equations for the HFSM model are shown in tables 7.1 and 7.2; these were
directly taken from the work of Smit [Smi06]. For the present work these were modified to
take into account two concentric cylinders instead of a cylinder in a square beam. Also, as for
the dynamic model, an accumulation term for mass is present. The reaction is supposed to take
place in the shell tube. The equations for the dynamic model can be easily derived from these
by eliminating the averaging procedure from the equations for the energy balance. It can then
simulate reverse flow by periodically changing the boundary conditions.

A graphical representation of the HFSM discretisation, in this case for a uniform grid with
uniform heat production consisting of 8 grid cells, is shown in figure 7.2.
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Table 7.2.: Energy conservation equations of the High Switching Frequency Model (HSFM).
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Figure 7.2.: Grapical representation of the discretisation scheme used for the HFSM
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8. Design Calculations on reverse flow membrane reactor

This chapter presents a structured approach towards obtaining an acceptable performance con-
figuration for the design chosen. Cofeed calculations from literature studies already indicate
the bad selectivity and high temperature excursions. These were also found from initial cal-
culations for cofeed (not shown) and thus cofeed operation was not further considered. First
of all steady-state solutions for conventional single direction flow membrane reactors operated
at assumed isothermal conditions are shown. Different reactor lengths will be evaluated for a
fixed feed ratio of oxygen and methane, initially with fixed mass flux of oxygen (and methane).
In order to shown only the influence of the oxygen flux on the reaction kinetics, the pressure
was set constant for these simulations (only). At the same time, however, in reality the pressure
drop over the reactor increases as the length increases. A trade-off has to be chosen here.

The result will be a tube of a length for which no significant benefit from further increasing
the tube length, at the cost of a higher and possibly severe pressure drop, will be expected. For
the configuration chosen the ratio CH4:O2 will be set to 4, which is the stoichiometric ratio of
the main desired reaction, reaction 2.2. It may be desirable to change this ratio because part
of the oxygen is lost to for example the consecutive oxidative dehydrogenation or for other
reasons than the desire for high yield. Hence results for a ratio CH4:O2 of 3 are given as well.
The cooling requirement along the tube can be calculated by evaluating the change in enthalpy
over the length. Given an overall heat transfer coefficient from the tube internals to the bed,
the required temperature difference between the tube internals and the bed can be estimated.

8.1. Yield vs. tube length

As initial parameters, the parameters as shown in table 8.1 were used. In the current study,
in order to phase out any mixed effects, isothermal and isobaric conditions are implied. The
overall mass feed of both oxygen and methane is also constant. However, their ratio is varied as
described in appendix N, in which also the tube radii can be found. For consecutive calculations
however the ratio of CH4:O2=4 will be maintained.

In order to keep the overall mass flow of oxygen into the catalyst section constant, the mem-
brane flux was adjusted according to equation 8.1. The mass flux of methane is constant by
default because the flux is set and the inlet surface is constant.

φm =
Φn,O2,memb

π · (dm + 2 · dw,m) ·Fp ·Lcat
(8.1)

From figures 8.1, 8.2 and 8.3 it can be seen that the mole fraction in the outlet flow reaches an
optimum at another length than the yield with respect to methane. The value of considering the
outlet mole fraction, however, is not as big as considering the yield. As far as the separations are
concerned, a more realistic indication of the ease of operation is considering the mole fraction
of C2 after H2O and CO2 have been removed, since the separation of these two components is
generally considered to be relatively easy and must be done before the (more severe) separation
of C2 product.

It can be seen that the yield, after increasing with increasing tube length (which can be
explained by a decreasing average oxygen mole fraction), comes to an optimum and next drops
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Table 8.1.: First guesses for parameters for demonstration of the effect of lengthening the tube
on yield

Variable Value Comment

T 810 and 780 ◦C Isothermal conditions implied. Evalu-
ated for both ends of region of opera-
tion to evaluate sensitivity.

P 1.2 bar
Φn,CH4
Φn,O2

4 or 3 See also appendix N.

Φn,CH4,tube 3.8 or 3.4 mmol/s
dm, dw,m, dc 0.011 or 0.0129, 0.001,0.025 m Retain high L/d ratio for 1D approxi-

mation. Radial transport not yet con-
sidered.

Fp = Lm

Lcat
Primarily 2

3 < 1 to prevent O2 breakthrough.
Dil 0.1 Catalyst diluted 10 times

(which can be ascribed to consecutive reactions). To obtain a reasonable yield without over
stretching the length of the catalytic section a length of 1m is chosen, anticipating an additional
pressure drop from inert sections. Please not that the yield predicted for this case is higher than
the best obtained experimental yield. More on this in chapter 10.

Figure 8.4 shows the mole fraction of C2 product in a hypothetical product stream from which
all H2O and CO2 have been removed. It is clear that also in this respect a length of 1 m is not a
bad choice. The ratio of mole fractions for this length, for a uniform temperature of 810 ◦Cand
CH4: O2=4, is given by O2 : CO2 : H2O : CH4 : CO : H2 : C2H4 : C2H6 = 0.000 : 0.025 : 0.342 :
0.397 : 0.003 : 0.052 : 0.157 : 0.024.

Without showing the exact results, it is given here that the calculated pressure drop for a
catalyst section with a length of 5m is in the order of 0.2bar, which is the maximum considered
acceptable. Hence, the preference for a high yield prevails over the constraint for pressure drop
in this case. If the total flow through the tube would be increased, this situation could turn
around.

From figures 8.1 until 8.4 it is also seen that changing the CH4:O2 ratio from 4 to 3 could
have some advantages, too. The yield remains about the same and the mole fractions of C2

product after removal of CO2 and H2O are more advantageous than for the case of a ratio
of 4:1. Additionally, the increase of oxygen flux and the decreased selectivity collaborate in
increasing the heat production per tube, which in certain cases could come in handy. However,
the selectivity dramatically drops. When using conventional separation technologies, the CO2

and H2O separated from the C2-rich stream can be considered waste. For the current work a
ratio of 4:1 is set, mainly based on the requirement that unconverted methane is needed after
OCM completion in order to be able to operate the fluidized bed. Increasing the ratio CH4:O2,
as far as it is allowable as far as safety is concerned (since at present the lower explosion limit
is unknown), remains an option to be kept in mind.

8.2. Cooling

Up to now isothermal and isobaric conditions have been implied. In reality, the temperature
difference between the fluidized bed and the tube is the driving force for the cooling. The
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Figure 8.1.: Outlet product mole fraction as a function of reactor length for isothermal reaction
conditions as indicated in table 8.1. Left for molar feed ratio CH4:O2=3, right for
CH4:O2=4.
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reaction conditions as indicated in table 8.1. Left for molar feed ratio CH4:O2=3,
right for CH4:O2=4.
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absolute value of the amount of cooling required is given by the total reaction enthalpy released,
which can be adjusted by changing the absolute and/or relative mass flows. At the same time,
extinguishing the desired reaction must be prohibited, thus the temperature in the reaction
zone must stay in the range of 800◦C. Full extinguishing of the OCM reactions is prohibited
if the temperature of the fluidized bed is controlled to be at most 30◦C lower than that of the
OCM catalyst section. The latter maximum allowable temperature difference was also chosen
for mechanical reasons.

The cooling requirement for each section of the tube can be evaluated by evaluating the
change in enthalpy over the length of tubing, given an imposed constant temperature. The
heat production (evaluated with imposed absence of heat transfer between the catalyst and
the walls to avoid cluttering of the results by accumulation in the wall) is then compared with
the temperature difference required to obtain the proposed state of operation per location. For
these calculations the isobaric constraint has been relieved.

For calculating the cooling capacity, the choice is made to use only a very rough flat plate ap-
proximation; the overall heat transfer resistance is then given by equation (8.2). (Heat transfer
resistance inside the tube wall is neglected.)

1
αcb,fb

=
1

αcb,w
+

1
αw,fb

(8.2)

The heat transfer coefficient from the wall to the fluidized bed, αw,fb is estimated to be 350 W/m2/K,
based on the work of Kunii and Levenspiel [KL91]. The heat transfer from the fixed bed to the
tube wall is expected to be the limiting step. However, when calculating the heat transfer from
the fixed bed to the tube wall using the Dixon-Cresswell [DC79] approach as was proposed by
Smit [Smi06], trouble occurs, since a heat transfer coefficient in the order of 500 W/m2/K is
predicted. Looking at the order of magnitude of the different contributions it was found that
for small tube diameters the heat transfer coefficient as calculated is strongly dependent on the
tube radius. Indeed, when setting the tube diameter to the order of 5 cm a more realistic (but
still high) value of about 300 W/m2/K is obtained. In fact, Dixon and Cresswell [DC79] com-
ment on the absence of thorough knowledge in the case of low dt/dp ratio, although in their
case they specifically point to axial instead of radial dispersion. In order to be able to proceed
with the demonstration of the principle, the overall heat transfer coefficient from bed to wall
is set constant at 300 W/m2/K. However of course before actually building a reactor the real
properties of this parameter will have to be elucidated.

So given these chosen parameters, it can now be calculated that the overall heat transfer
coefficient for the given approximation is:

1
αcb,fb

=
1

300
+

1
350
≈ 1

161
m2K/W (8.3)

Reflecting the actual method of calculation used in the model, quantities are now evaluated per
m3 of a particular reactor section. To calculate the cooling capacity per m3 catalyst section, first
the cooling surface per m3 is needed. Neglecting the thickness of the outer tube wall, this is
given by the outer circumference of the catalyst section divided by it’s cross surface.

Avfb =
dc,o

1
4

(
d2

c,o − d2
c,i

) =
0.025

1
4 (0.0252 − 0.0132)

= 219m2/m3 (8.4)

Now the cooling capacity can be estimated from:

Qc = Avfb ·αcb,fb ·∆T = 219 · 161 · 30 = 1.354MW/m3 (8.5)
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Figure 8.5.: Local heat production by reaction with parameters as given in table 8.1, a molar
feed ratio of CH4: O2= 4 and a reactor length of 1m

The results for the hypothetical case described before is shown in figure 8.5. It can be seen that
(due to the use of the distributive feed) the heat production is relatively uniform; this fits well
with the assumed approach of a uniform temperature of the outer wall since this will result in
a relatively uniform temperature difference between the wall and catalyst.

8.3. Demonstration of the membrane reactor

The next step is to include heat transfer into the model. At this point the model is operated
with flow in only one direction with the gas entering at the temperature of the fluidized bed.
An example of the resulting temperature- and composition profile is shown in figures 8.6 and
8.7.

It can be seen that the estimation of the temperature difference obtained with the given
mass fluxes has been quite good, since the temperature difference is indeed about 30 ◦C. The
resulting temperature profile is, as expected from the quite evenly distributed heat production
and constant external temperature, quite homogeneous. It is also seen that the thermal contact
of the entire catalytic section, including the part where there is no oxygen flux, results in an
outgoing temperature about equal to that of the fluidized bed. The same was observed (not
shown) for the case of a somewhat lower inlet temperature; the fluidized bed then heats up
this feed before the reaction sets in. It is therefore thought that for initial calculations it is safe
to proceed with a single direction flow model. Due to the very fast reaction, the oxygen mole
fraction is practically zero. Reverse flow calculations will be done in a later stage, in order to
evaluate:

• The case where the part of the catalytic bed without oxygen feed is not in thermal contact
with the fluidized bed. Thus the temperature of the gas entering the fluidized bed can in
principle very easily differ from that of the fluidized bed.

• The effect of switching flow direction on product composition and the temperature profile.
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Figure 8.8.: Effect of varying αbw on temperature profiles for HFSM (left) and single flow direc-
tion (right).

Of special interest is the duration of this effect, as well as any influence of increasing the
length of the reactor.

It has also been tested what are the effects and duration of a switch in flow direction. Such a
test was typically started after a steady state for single flow direction was reached. It was found
that the mass balances adjust to the flow direction on a time scale of a few seconds, whereas for
the temperature profile to become steady again it takes a few hundred seconds. The results are
not shown. Because of the relatively low influence on simulation results, this finding has been
used to increase the speed of the numerical code. This is described in appendix H.

8.3.1. Changing αw,fb

Previously, for the heat transfer coefficient from fluidized bed to tube wall a value of αw,fb =
350W/m2/K was chosen. It’s exact value, however, is unknown. The goal of this section is
to evaluate how important this is by varying only this variable for the base case as given in
table 8.1 with CH4: O2=4.

First, the primarily affected variable, temperature, is considered. The effect is shown in figure
8.8, for both the HFSM calculation as the DM calculation that directly followed it. (Steady state
was reached.) It is seen that only a very significant reduction of the heat transfer coefficient (a
factor a half) results in a significant effect on temperature.

Next, the effect on product composition at the end of a cycle of the DM is compared. The mole
fractions for C2H4 and C2H6 are plotted in figure 8.9. The factor x given in x.α is the factor
with which the coefficient has been multiplied. The product distribution is not very severely
affected. Also, CH4 conversion does not differ more than 1% over the range evaluated (not
shown). Therefore it is considered valid to set αbw to a fixed value for the range considered.

The other heat transfer coefficient (αcb,w) in equation (8.2) is of a similar, if not even more
inexact, nature. Since the chosen value is in the same range as that of αw,fb and the inner
surface of the tube is of similar magnitude as it’s outer surface, similar effects on the results of
the 1D-model can be expected from modifying this variable.
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Figure 8.9.: Mole fractions of C2H4 and C2H6 as a fucntion of the heat transfer coefficient αbw.
Note the two individual axis for the y-scale.

8.3.2. Length of inert sections

The minimum length of the inert sections, required for letting the temperature of the entering
gas streams be within reasonable approximation of that of the fluidized bed when entering the
catalytic section, is determined using the HFSM.

The main disadvantage of using inert sections is that the pressure drop increases. But in
order to be able to enter the catalyst section with a reasonable temperature for a reasonably
long switching time, a sufficiently long inert section is required; of course a trade-of has to be
found here. In order to reduce the pressure drop in the inert sections, the particle diameter in
these sections is set to 3 mm. For the acceptable outlet temperature (when the DM is invoked)
a value of 200 ◦C is chosen.

For the calculations, the choice was made to invoke the reactions too, to see if any possible
side-effects occur. It can be seen from figure 8.10 that, as far as the HFSM is concerned, there
is no significant effect on the temperature profile in the reaction of changing the length of the
inert section. Figure 8.11 gives the results for the temperature profiles for the inert sections.
In order to be on the safe side, a length of the inert section (per side) of 1m is chosen, so
that the switching frequency can be reduced and a margin of safety is built in for the case of
non-pseudohomogeneous situations. For this case the overall pressure drop is in the order of
0.05bar. A desired outlet temperature below 200◦C is desired and is achieved for this choice,
as can be seen from the following paragraphs.

For the inert sections the diameter of the particles was set to 3mm instead of the 2mm for the
catalyst section, in order to reduce the pressure drop. The material for the inert particles was
alumina, that of the catalytic bed was the carrier material of the catalyst, CaO.

8.4. Effect of switching time on results

Given a length of inert section, changing the switching time for the concept studied primarily
results in a different inlet temperature. Hence, a good estimate can be obtained from two
separate, quickly-calculated simulations:
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Figure 8.11.: Calculated temperature profiles for the HFSM solution for the base case with dif-
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Figure 8.12.: Temperature profiles at the end of a cycle towards the right, after 59 switches
from HFSM startup, as a function of switching time. Heating allowed for entire
catalytic section. Simulation for simplified case without reactions and only two
chemical components.

• DM simulations without any reactions. The number of components concerning the mass
balances can be reduced to one or two. Used to study the temperature at the inlet of the
catalytic section as a function of time.

• HFSM simulations for the catalytic section with different inlet gas temperatures.

8.4.1. Allowed switching time

In order to get a quick estimate of the allowed switching time taking into account the desires
for fast quenching and an acceptable outlet temperature (and, if the fluidized bed would not
sufficiently heat the reaction section, a sufficient inlet temperature) the model is run for just two
chemical components (oxygen and methane) without reactions, greatly reducing the number
of equations to be solved and greatly increasing the calculation speed. This can give a quick
estimation of the movement of the velocity profiles, given a switching time, although of course
the exact shape can slightly differ from the solution now obtained; at present only the order
of magnitude is of interest. The result is shown in figure 8.12. This gives the indication that a
switching time in the order of 4000s is acceptable (mainly based on the outlet temperature).

This figure already gives a hint at the result of the following subsection: the heating by the
fluidized bed before the onset of reaction is so good that the reaction is not really affected by
the inlet temperature into the reaction section.

8.4.2. Influence of inlet temperature on reaction

As can be seen from figure 8.13 for the current process setup the reaction is not severely affected
by the temperature at which the gas enters the catalytic section. This is ascribed to the intense
heating by the fluidized bed in the section prior to the onset of the reaction. Because the
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Figure 8.13.: Resulting temperature profiles for different inlet temperatures into the catalyst
section. Entire catalytic section in contact with the fluidized bed. Left for HFSM
and right for single flow direction (towards the right).

temperature for the reaction is not (seriously) affected, no special attention is given to the
product distribution here; the results are hardly affected.

8.5. Application of cooling of only the reaction section

Although the usefulness in reality, considering the increase in complexity versus the relatively
small temperature difference between the reaction section and the fluidized bed, can be rather
limited, from an academic point of view it is very interesting to look at the situation in which
there is no cooling except for the part in which the oxygen fluxes through the membrane.

Results of varying the ingoing temperature are shown in figure 8.14. This shows consider-
able penetration of a low temperature profile into the reaction zone. This especially unfeasible
because it results in lower temperature in the region with high partial pressure of methane,
resulting in a relatively high occurrence of the combustion reaction because of it’s significantly
lower activation energy. The adverse effects, however, are somewhat counteracted by the rel-
atively long length of the reactor compared to the length of the zone with low temperature in
this case.
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9. Full process considerations

9.1. Overall thermal efficiency

One of the major goals of the concept of the combination of steam reforming with oxidative
coupling of methane is to arrive at an overall more or less autothermal process. This chapter
focusses on if this can already be achieved with the base case chosen, and if not, in what
direction a change is desired.

The heat production for OCM was calculated for a given inlet ratio of CH4: O2= 4 and a given
outlet composition given in table 9.1.

From this stream both C2H4 and C2H6 are removed and steam is added until the ratio
H2O:CH4 is 4. Then the ingoing stream with composition as shown in table 9.2 is obtained
with an ingoing temperature of 100◦C. For this stream, the equilibrium composition after
steam reforming was calculated for different temperatures at 1bar; this is also given in table
9.2. The required data was taken from thermodynamic data tables [DD85] and the program
used applied minimisation of the Gibbs free energy. Now for the given temperature and stream
composition the enthalpies of the different ingoing- and outgoing streams can be calculated,
and from this the heat requirement to perform steam reforming up to equilibrium for the given
outlet temperature. The mass flow was based on the product flow of a single tube. From this, it
was calculated that for steam reforming of the undesired product stream of OCM up to 500◦C
the heat requirement is 337W per tube and for the case of steam reforming up to 780◦C the
heat requirement is 688W per tube, respectively. For the calculations again the data provided
by Daubert and Danner [DD85] were used.

It is obvious that when the fluidized bed for steam reforming is operated at 780◦C the heat
requirement of the fluidized bed for reforming the undesired product stream of the OCM tube
exceeds the generation of heat by the tube. This shortage can be overcome by partially operating
the fluidized bed as an autothermal reformer, by adding oxygen for partial combustion of the
product stream. Addition of even more fuel and reforming gas may be needed to keep the
reforming bed in operation; this is the topic of chapter 9.2. Another option would be to decrease
the ratio CH4:O2, but this would at the same time result in a lower flow of methane, requiring
the methane outflow of more tubes to keep the bed fluidized. On the other hand it could help
separations and selectivity, so this is certainly a topic to look into and this is done in appendix I.

Yet another option is to use a prereformer, which is common practice in industry. Prereform-
ing the steam reforming mixture up to somewhat more than 500◦C would bring the required

Table 9.1.: Composition for OCM outlet for thermodynamic calculations

Mole fractions at outlet of OCM reactor
O2 CO2 H2O CH4 CO H2 C2H6 C2H4

0.0000 0.0250 0.3440 0.3999 0.0023 0.0477 0.0258 0.1554

Mole fractions after removal of C2H4and C2H6
O2 CO2 H2O CH4 CO H2 C2H6 C2H4

0.0000 0.0305 0.4201 0.4884 0.0028 0.0583
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Table 9.2.: Stream compositions for the example for steam reforming (mole fractions).

O2 CO2 H2O CH4 CO H2

Feed stream, 100◦C 0.000 0.012 0.771 0.193 0.001 0.023
Steam reformed, 500◦C 0.000 0.081 0.494 0.081 0.011 0.333
Steam reformed, 780◦C 0.000 0.068 0.358 0.000 0.080 0.493

enthalpy change into the desired amount per tube and would also avoid excessive temperature
differences within the same piece of equipment.

For further calculations it is assumed that a prereformer is used and that a uniform tem-
perature can be obtained within the fluidized bed. Also, the only methane fed to the steam
reforming is assumed to unconverted methane coming from the OCM tubes. With this choice,
the process loses it’s autothermal operation. The use of a conventional prereformer enables
the use of conventional technology. Besides it enholds a physical separation of combustion and
reforming streams, reducing the load on subsequent separation equipment.
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Figure 9.1.: Configuration of the fluidized bed with horizontal tubing

Table 9.3.: Conditions for approximation of volume flow SRM

Variable Value

Pressure 1.2 bar
Temperature 780 ◦C
Conversion 40%

9.2. On the geometry of the fluidized bed

Now that simulations on the OCM tube have been run, the question remains how exactly the
fluidized bed should be constructed, and if it can be operated at all. The main concern with the
author is, on this part, if the bed can be fluidized at all with the amount of gas available. Al-
though the detailed design of a fluidized bed due to time restrictions falls outside of the current
project, and although it is always risky to do any predictions on such a vast topic using limited
considerations, it is thought worth the trouble to give some comments on this part. Consider
figure 9.1. The goal of the following exercise is to determine the superficial gas velocity. For
the base case, it was calculated that the methane flow entering a single OCM tube is 3.8mmol/s
with a conversion of 49%. Using the variables shown in table 9.3, it can then be calculated that
the volume flow induced in the fluidized bed by a single tube is (at least, neglecting the net
production of moles by the steam reforming and any addition of e.g. fuel for autothermal re-
forming) 0.7L/s. Now considering a spacing between the tubes of 10cm, per tube (with a length
of 1m) there is a surface of 0.1m2 for the gas to flow through; this gives a superficial velocity for
the gas of 0.7cm/s per tube vertically aligned. The nice thing about the horizontal configuration
is that the tubes can be aligned in the vertical without too much trouble, increasing the gas flow
per inlet area for the fluidized bed. With about 5 tube layers the desired superficial velocity
is reached. Assuming a required increase in length of 10cm per tube layer, this would give a
height for the tube bundle of 0.5m, which in itself is not an exception, which is actually rather
low.

The low requirement for number of tubes aligned in the vertical opens the option for vertical
placement of the tubes, shown in figure 9.2. The vertical placement has the advantage that
the brittle membrane tubes do not have to deal with gravity. In order to obtain a superficial
velocity of 3.3cm/s, when assuming the tubes are placed in a u-tube arrangement (so that the
tube sticks twice through the cross-surface), it can be calculated that each tube should occupy a
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Figure 9.2.: Fluidized bed configuration with vertical tubing

square with a length of 15cm. (Instead of square arrangements also for example a honeycomb
arrangement can be thought of.) This measure seems practical and also leaves flexibility to find
a solution for mounting the outlets for the steam reforming gas.

Losses of mixing properties of the fluidized bed can supposedly made up for by decreasing
the distance between the vertical (u-)tubes even further, increasing the superficial velocity even
further, of course avoiding the situation of creating a riser.

It should be mentioned here that implicitly the choice has already been made to control the
energy balance in OCM the bed with the SRM reaction and not vice versa because the product
quality for the steam reforming reaction is not severely affected by temperature excursions.

9.3. Benchmarking

However well the concept may seem to work, of course there are other processes around that
may be built instead. An example is conventional steam reforming followed by Fischer Tropsch
followed by cracking. Making a full economic evaluation, including all required separation
equipment, would go too far. However a first very rough indication can be gotten by looking
at the throughput in standard cubic metres gas per second per cubic metre reactor. Without
calculating and by just looking at pictures of ethane crackers or industrial steam reformers in
Ullmann’s Encyclopedia of Industrial Chemistry or Kirk-Othmer’s it can be said that compared
to industrial reactors it is low. On the part of steam reforming alone it will certainly not be
able to be competetive with conventional technology. A benefit compared to other routes must
thus be that ethene (and ethane) is directly produced instead of indirect, possibly avoiding the
purchase and operation of significant pieces of process equipment.
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Part IV.

Discussion and Conclusions
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10. Discussion and recommendations

10.1. On the concept of reverse flow with membrane feed

When the concept was first thought of, the idea was to operate the fluidized bed at a tempera-
ture around 500◦C. 1 This temperature is outside the region of approximately 800◦C that would
be favourable for performing OCM. At lower temperatures, outside of the region of validity of
the kinetics of Stansch [SMB97], which are used for the current model, unselective reactions
could prevent the reaction from being extinguished (although the model, in this region in which
its kinetics are not valid, predicts otherwise) but the loss of selectivity by itself makes operation
of OCM at lower temperatures highly undesirable. In order to obtain a relatively fast reduction
of temperature for (the start of) quenching of the reaction after the formation of ethane and
ethene, it would be desirable to allow thermal contact between the colder fluidized bed and the
oxygen-lean section of catalyst. However, at the same time it was suspected that due to con-
vection of cold gas into the oxygen-rich section a significant penetration of a low-temperature
profile into the reaction section could occur. (The gas could be either cold from cooling by the
fluidized bed or, if the design of the gas treatment before entering the oxygen-rich section is
considered not yet determined, by insufficient preheating.) Hence, the reverse flow concept
was introduced in order to center the temperature profile and in this way limit the reaction
region with low temperature. In order to investigate the effects of this mode of operation, it
was considered that a detailed model was needed, which was built.

The introduction of reverse flow in a natural way led to the addition of inert sections at the
inlet and outlet of the reactor. The reverse flow could now simultaneously be used to allow for
fully cold feed and (especially) cold outlet streams. Formation of coke would be reduced as a
result of the already severe reduction of temperature achieved by cooling by the fluidized bed.

The high temperature difference between the catalyst and the fluidized bed would also allow
for a relatively high throughput as long as the rate of heat removal (and not the pressure drop)
is the bottleneck.

When the desired temperature of the fluidized bed was changed into a significantly higher
temperature of 780◦C for mechanical reasons, on the part of the reactor concept some advan-
tages were lost, and one was gained, namely that the OCM reaction can run feasibly at the
temperature of the fluidized bed. For the current concept using the model as built it has been
shown that conceptually steady states are reached for both single direction flow and for reverse
flow. From the study of the influence of αw it was seen that the C2 yield is not very severely
dependent on the exact temperature profile; the question rises if the increased complexity of
the reverse flow operation is worth the expected benefit from the use of the inert sections. This
would have to compete with conventional technology for fast quenching outside of the reaction
section, delivering possibly useful high temperature steam, that is available in the form of trans-
fer line heat exchangers [SSO01], possibly having a longer residence time before quenching is
achieved than the inert sections. For this equipment coking is reported for the case of ethane
cracking. Coking, causing blocking of the channels, would be disastrous for a packed bed, for
which the cleaning is not as straightforward as for the conventional technology. The advantages

1Implicitly it was also assumed that heat transfer whitin the catalytic bed would be far better than heat transfer from
the catalytic bed (through the tube wall) into the fluidized bed, avoiding a strong radial temperature profile in the
catalytic section. In retrospect this assumption is suspect to doubt.
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of the use of a membrane reactor however stand and have been extended with the integration
of cooling by fluid bed. Despite the loss of some initially promising advantages, in the new con-
cept, the three distinctive features of the fluidized bed reactor combined with the membrane
reactor stand:

1. A low oxygen partial pressure for the OCM reaction, combined with

2. A relatively uniform evolution of heat combined with a relatively uniform removal of heat.

3. Low temperature feed and product with fast quenching due to the use of inert sections.

If the use of inert sections without a negative contribution by coking is feasible must be found
experimentally; the prediction of the formation of coking seems to be considerably difficult,
looking at industrial experience [SSO01]. The steam formed as a by-product of the OCM reac-
tion may be helpfull in preventing coke formation and/or accumulation.

10.2. On the catalyst activity and other catalysts

The kinetics implemented are those provided by Stansch et al. [SMB97]. Adjustment of their
extensive reaction scheme should allow for easy implementation of kinetics as derived by other
authors. In the current work, opposed to the kinetic measurements performed by Stansch et
al. using particles with a diameter in the order of 0.3mm, the catalyst is assumed to be present
as particles with a diameter of 2mm. The adoption of an effectiveness factor based on the
concentration of oxygen seems not to be very feasible because oxygen is nothing but a vehicle in
a complex reaction system; a more practical and most likely as effective approach is to multiply
the reaction rates all with the same reducing factor, possibly derived from detailed numerical
calculations for a limited number of different reactor sections. These detailed calculations could
also take into account intra-particle temperature effects. In order to account for possible loss of
catalyst activity due to the use of larger particles, the catalyst was diluted with a factor 10. If
this would not be done, as far as the catalyst is concerned local conversion could be increased
and thus in principle a higher local heat production at low pressure drop (due to reduced length
of tubing) could be obtained. However, apart from the undesired high temperature difference
required to sufficiently cool such a tube, for such a relatively short tube penetration of a low
temperature profile into the reaction section is very likely. Last, and most of all, it is considered
a good choice to retain a margin for correction.

The increase of particle diameter also affects the ratio of the thin gas volume over the catalyst
surface, in which the reaction supposedly takes place, compared with the total open gas volume.
On the catalyst studied by Stansch et al. [SMB97] it must be remarked that it is very fast, for
example compared with the catalyst studied by Tuinier [Tui07]. From the discussion on this in
the appendix it can be estimated (taking the correction of δ = V/A for spherical particles into
account) that for the catalyst particles as studied by Stansch et al. in order to achieve a particle
effectiveness of one, the particle diameter in the order of at most a few times 10 micrometers
would be needed, whereas for the case of Tuinier this would be in the range of hundreds of
micrometers, which was the actual size used. More on this is given in the following paragraph.

The effect of diffusion limitation in the radial direction (although because of the small sized
particles in the order of 300µm not for the catalyst particles) should already be observable for
the results of studies performed by Spek [Spe07], provided the calculation of the Thiele modu-
lus given in the appendix is valid for this situation of the catalyst included between concentrial
cyllinders with diameters of 3.0 and 2.5 cm, with oxygen feed from the outer cylinder. A litera-
ture reference to calculations of Thiele moduli for these cases is also provided by Spek [Spe07].
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Given the small particle size these experiments could very well be approximated by a pseudo-2D
approximation. It would be interesting to see if the outer ring of the catalytic bed acts as a sort
of “Hinterland”, into which C2 product can diffuse and be relatively safe from reaction.

10.3. On increasing tube diameters and radial profiles

When increasing just the tube diameter of the catalyst section (and thus retaining that of the
membrane), this very likely increases the gradient of oxygen concentration. The effect of this
gradient is much more severe as for the case studied by Kürten [Kur03], who studied a mem-
brane tube for which the flux of oxygen was inward and for which depletion of oxygen in the
middle of the tube was found. Therefore, it is not advisable to increase the tube diameter much.

An additional reason is that in this case the oxygen flow through the tube would have to
increase, possibly causing an inhomogeneous distribution of the oxygen flux. Besides increasing
this flux could result in a dangerously high mole fraction of oxygen (in the sense of promotion
of unselective reactions and possible formation of explosive mixtures) at the wall. On the other
hand the flux also may not become so low that counter-diffusion could occur, possibly forming
explosive mixtures in the oxygen tube. [Kur03] Last but not least increasing the diameter can
also give rise to a very significant temperature profile over the tube diameter.

All this calls for a method of determining an upper bound for which the pseudo-1D model
is valid. Iordanidis [Ior02] shows that for strongly exothermic reactions 1-D models can de-
viate significantly from 2-D models for the same case. Iordanidis also shows the concept of
the cell model, dividing a catalyst section into multiple concentric rings, which would be the
simplest and yet very likely effective method to be implemented in the current model. Addi-
tionally, this author provides relations for amonst others heat transport in packed beds. Kürten
gives an overview of modelling studies of packed bed membrane reactors in literature, some
of which concerning 2-D modelling. However, most studies have been pseudo-homogeneous,
one-dimensional reactor models.

Tubes of 2.5cm diameter are not an exception in process industry, and ceramic tubes with a
diameter in the order of 1cm are commercially available. Hence choosing these dimensions,
provided that the pseudo-1D assumption holds, is a rather practical choice.

Some very early calculations were done in the appendix on radial transport of heat and of
mass (oxygen). For transport of heat it was found that this is (just) sufficient for the current
case. For the transport of oxygen throughout the catalyst section, however, a strong indication
was found that the reaction is diffusion limited and that thus in close proximity to the tube wall
severe bypassing may occur due to a lack of oxygen. This is in part caused by the swift reaction
over the catalyst as studied by Stansch et al. [SMB97]. On the other hand, it is also inherent
to the design chosen, with the oxygen feed tube in the middle, instead of (as commonly found
in literature) having a membrane tube wall for the catalyst section. The reaction rate can be
decreased by choosing a less active catalyst; this however does not eliminate the concentration
gradient needed for the transport of oxygen, causing local high partial pressures of this gas. The
radial dispersion could to a limited extent be increased by increasing the flow rate. Swapping
the oxygen feed and the catalyst section however is thought highly impractical because of heat
transport limitations. The possibility of diffusion limitation, therefore, can be considered the
Achilles heel of the reactor concept.
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10.4. Process safety

In the current process, volume containing oxygen-rich gas has been kept as small as possible.
However, a thorough HAZOP study was not performed. This should be performed before pro-
ceeding towards experimental validation. First steps to be taken are evaluation of the lower
explosion limit and the possible hazards of special operations such as reactor shutdown.

10.5. On the model

Using the reverse flow model developed and successfully applied by Smit [Smi06] to catch the
key concepts of reverse flow seemed natural at first hand and has been a valuable tool in show-
ing the concept intended. From this work also the order of magnitude of the allowable diameter
of catalyst particles was inherited. However, it turns out that the actual exothermicity and the
scavenging of reactant by the OCM reaction seems to have been underestimated somewhat.
More detailed calculations on radial transport than the preliminary indications provided in the
appendices are needed before building an actual reactor.

The possible error in the radial concentration profile of oxygen was increased by leaving the
feeding of oxygen through the outer wall of the catalyst compartment for feeding at the inner
radius, so that on average (over volume) the distance of catalyst particles to the feed point of
oxygen becomes larger.

An obvious flaw in the current model is imposing a heat transfer coefficient between the
catalytic bed and the tube all, which was for possible unapplicability of in radial heat transport
relations as found in literature, which were derived for deeper packed beds. However it was
shown in the appendix that if uniform heat production would occur (which was the assumption)
the catalytic bed sufficiently conducts heat, although the acceptable limit is almost reached. In
reality, production would take place preferentially near the oxygen feed wall, thus increasing
the temperature difference. The use of an overall heat transfer coefficient loses it’s validity here.
For the case no significant temperature gradient occurs it has been shown overall results are not
very strongly dependent on a change in the overall heat transfer coefficient.

Finally it should be mentioned here that in the model calculations the heat conducting and
accumulating properties of both tubes were set equal to that of steel, although especially for
the inner tube it is expected that it will be made of ceramic material. Because of the relatively
uniform production of heat in the catalytic section and the resulting uniform temperature profile
in the tube walls this is thought to have had no significant impact on the results obtained.

10.6. On the results

The results serve to reach the goal of demonstrating the concept as originally thought of and
promote to continue investigating this promising concept. On the accuracy, however, there are
some doubts. First of all a yield far higher than reported in literature is obtained. When look-
ing at the reaction scheme provided by Stansch et al. [SMB97] for low partial pressures two
reactions become dominant: the oxidative coupling of methane (2.2) and the oxidative dehy-
drogenation of ethane (2.7), which results in very high methane conversions and production of
exactly the desired product. It is thought that an actual experimental reactor will have a lower
yield, partly due to side-reactions and partly due to bypassing. With respect to the thermal
efficiency it may be necessary to operate at a somewhat lower CH4:O2 molar feed ratio, as can
be seen from the initial thermodynamic calculations included in the appendix.
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If a relatively uniform temperature profile exists in the radial direction of the OCM tube,
however, operation of the reactor in reverse flow would provide similar results as found here,
since as far as heat is concerned the reactor does behave as if it is pseudohomogeneous and
1D. In this way the temperature profile in the reactor can be controlled as it was proposed
in this work. The radial and axial concentration profiles then respond to this well controlled
temperature profile, although the mixing cup composition, and along with it the actual local
heat production, at the end of the reactor may deviate significantly from that obtained from the
pseudohomogeneous 1D calculations used in this work.

10.7. Other processes

The current concept might be very suitable for similar processes such as partial oxidations. No
work was performed on this part in the current project.

10.8. Concepts in literature

The literature search performed for this project has been very limited. Therefore a literature
search should be performed to see if a similar concept has been used before, possibly providing
new insights. The most similar concept known to the author is that of Alonso et al. [ALPP01]
These authors brought a porous membrane tube into contact with a bed fluidized by an oxygen-
rich gas, so that oxygen could penetrate into the tube and react within the tube with a hydro-
carbon. The fluidized bed would then ensure cooling. This particular configuration is, however,
considered unsuitable for application in this case. An overview of packed bed membrane reactor
studies is given by Kürten [Kur03].

Also it is recommended to have a further look at similar processes, in particular ethene crack-
ing. The latter has a very similar separation requirement (including removal of carbon dioxide
and steam) and the same problem of potential undesired gas-phase reactions.

10.9. Materials to be used

One of the remaining tasks after this work, apart from the absence of information on safety of
operation, is that the materials to be used are not explicitly elucidated. Currently, the idea is
that the oxygen-carrying tube will be a ceramic tube. The outer tube is thought to be a metal
tube with on the inner side a coating preventing coking.

From the work of Smit [Smi06] it was inherited that alumina was used in the inert sections.
In retrospect, a better choice would be the use of CaO, which is also the carrier material of the
catalyst, because of it’s higher heat capacity.

10.10. On the viability of the process

In literature, often the need for a recycle is pointed at as the reason why OCM could probably
never become commercially attractive. The current process does not have a recycle. The under-
lying problem of the recycle, however, has not been eliminated. This concerns the cost of separa-
tion and recompression. Unless a revolution in separation technology occurs it is expected that
the method of recovery of C2H6 and C2H4 will remain cryogenic techniques. However, as recent
as 2001 OCM was mentioned in Kirk-Othmer’s encyclopedia of industrial chemistry [SSO01] as
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an economically potentially attractive route to ethene, independent of crude oil, if methane is
available in abundance at low cost.

The constraint that the fluidized bed needs to be operated with the undesired product stream
from the OCM section puts severe constraints onto the process layout and operation. For ex-
ample for the case of a relatively low production per OCM tube, in order to obtain sufficient
gas to operate the fluidized bed, these should be stacked in the vertical, which would in the
practical sense eliminate the option of suspending the OCM tubes in the vertical. Also even in
the current project discussion appeared on if for the calculations for overall thermal efficiency
only methane or also other waste products should be steam reformed. It is recommended to
leave this restriction and to regard steam reforming as a particularly suitable way of cooling.

Because of the possibly dynamic nature, and because it is typically kinetically instead of
thermodynamically controlled, the OCM reaction has been the main point of focus in this work.
However, of course before building an actual reactor significant work on the use of a fluidized
bed steam reforming reactor is needed, although experimental studies can already be found
in literuture. This study should include evaluation of the option of increasing the pressure for
steam reforming. However, from chapter 9.2 it might be concluded that reduction of the size of
the steam reforming section by increasing the pressure very well may be undesirable.

10.11. Catalyst stability

For the Li/MgO catalyst for OCM, several studies report that significant lithium loss and sinter-
ing occurs under oxidative coupling conditions. [CMS94b] Use of reverse flow operation could
prevent excessive loss of lithium and could hence elongate catalyst lifetime.

Tuinier [Tui07] experimentally found that the state of oxidation of the Mn/Na2WO4SiO2 cat-
alyst is of major importance for the selectivity of the catalyst: an oxidized catalyst has a higher
selectivity. In order to maintain this oxidized state only a low O2 partial pressure is needed.

The La2O3 catalyst as used by Stansch seems to be stable.

10.12. Suggested experimental procedure

Before experiments are conducted, diffusion limitation should be extensively considered. First
off this can be done by more detailed “old-fashioned” calculations of the Thiele moduli. If
this looks promising then further calculations can be conducted with 2D, or perhaps even 3D
models (with the dimensions being the axial position, the radial position, and in the case of 3D
also the catalyst radial position). In order to avoid embarking into experiments that measure
what is not desired, also considerable attention should be given to catalyst design, which was
already pointed at by Krishna et al. [KS94] but was, for the benefit of conceptual demonstration
of the concept already conceived, left for future work in this work. Both will also help in the
interpretation of experimental results.

Before performing experiments on this possibly explosive system a thorough HAZOP study
should be performed. Modifications, such as using air instead of oxygen, as described by
Smit [Smi06], might be required but should still allow for demonstration of the concept.

The actual use of steam reforming reactions in the fluidized bed, which would require the use
of a relatively large volume of methane gas in an experimental setup, can possibly be avoided
by using a fluidized bed with an alternative method of cooling.
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11. Conclusion

In order to achieve an understanding for the possibilities for autothermal combination of en-
dothermic steam reforming (SRM) and exothermic oxidative coupling of methane (OCM), a
project to come to a possible (conceptual) design for such a process was performed by means
of numerical simulations.

The reaction concept conceived is to use distributive feed of oxygen for the OCM reaction,
performed in a tube. Not only does this allow for a low partial pressure of oxygen, increas-
ing product selectivity, this also allows for a relatively uniform production of heat along the
tube. Matching this with a uniform temperature at the outside of the tube results in a (simi-
larly) uniform temperature profile within the tube for OCM reaction. The uniform production
and consumption of heat avoids delicate process operation such as found for other variants
of processes for combination of exothermic and endothermic processes as found in literature.
Additionally, the concept allows for reverse flow operation for the OCM reaction, the prime ad-
vantage of which is allowance for very fast quenching using inert sections. The cost-intensive
separations after the OCM reaction section, however, cannot be avoided.

An advanced pseudo-1D model, based on the work of Smit [Smi06], has been built to study
the effect of reverse flow on process operation. The model mainly focusses on the OCM reac-
tion section and regards the fluidized bed as a heat sink. Amongst others reaction kinetics as
provided by Stansch et al. [SMB97] and thermodynamics are included.

The expected relatively uniform temperature profile is reflected by modelling results. Initial
calculations led to an OCM reaction tube with a length of 1m of which the middle 2

3m was
distributively fed with oxygen. The temperature of the fluidized bed was set to 780◦C and the
desired temperature of the OCM catalyst section was chosen to be 810◦C.

It has been shown that yield in the temperature region of operation is relatively insensi-
tive to the exact local temperatures (varying by about 15◦C) in the OCM section, so that it
is safe to state that if the temperature profiles look alike the product distributions also look
alike (although in principle the temperature profile also depends on the mass balance; they are
inter-related). Since the temperature profiles for the OCM reaction section look alike both for
reverse flow and OCM, it is expected that operating in reverse flow or not does not significantly
affect product distribution. However, fast quenching by use of inert sections directly attached
to the catalytic section (thus without a valve and/or associated piping and the like in between)
becomes available by using reverse flow.

A crucial assumption when conceiving the reactor concept has been that a sufficient radial
distribution of mass and heat can be achieved, which in fact is the Achilles heel of this concept,
since opposed to conventional membrane reactors the distributed reactant is not fed through
the outer wall of a tube inwards, but from a tube suspended in another tube outwards.

Considering autothermal operation it was found that on the part of OCM sacrifices must be
made on the part of selectivity in order to be able to reform its waste stream by steam reforming
autothermally. For the non-autothermal case an indication that on the part of fluidization,
the fluidized bed for SRM can be fluidized for a feasible reactor configuration, was obtained.
However imposing autothermal opertion does severely limit possible reactor configurations.

All of the advantages described before are true provided that the assumption of the homoge-
neous profiles for temperature and oxygen concentration is true. The validity of this assumption
should be checked before conducting further work.
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Part V.

Background information
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A. Model validation

One of the major tasks has been the building of the model and the associated debugging. Of course,
checking for errors is necessary. This appendix gives an impression of the findings.

A.1. Validation of kinetics

The kinetics provided by Stansch et al. [SMB97] have been implemented. The validation of the kinetics
was done by simulating the experiment as performed by Stansch et al. [SMB97], which also consisted of
a tube submerged in a fluidized bed, in the case of Stansch et al. [SMB97] using cofeed for their kinetic
measurements. For experiments as performed by Stansch et al. experimental data was gathered from the
paper of Stansch et al. [SMB97] as well as from the paper of Tye et al. [TMB02]. The results never deviated
more than 20%, which is the margin of error by scatter indicated by Stansch et al. [SMB97]. It must also
be noted here that Stansch et al. [SMB97] do not clearly indicate if the rate constant given for thermal
dehydrogenation of ethane to ethene should be related to only the gas volume fraction or to the entire
volume. It was found that this does not seriously affect the results (it affects the yield of ethene for cofeed
in the order of promille) and hence the choice was made to relate it to the gas volume fraction only (to be
on the prudent side when predicting the rate of C2H4 formation). Because of the lengthy elaboration and
relatively small added value not all results are reproduced here; only the case for the comparison with the
work of Tye et al. [TMB02] is shown for demonstation.

A.1.1. Comparison with Tye et al.

Tye et al. [TMB02] implicitly check their kinetic model with a uniform temperature assumption. To du-
plicate this, in the model the heat transfer coefficients from the wall to the gas and from the wall to the
fluidized bed were set to very high values, resulting in negligible heat transfer resistance. Moreover, from
the equations used it seems that Tye et al. assume that the thermal dehydrogenation of ethane to ethene
only takes place in the gas phase. Therefore, the rate constant of this reaction was multiplied with a factor
0.4, the void fraction of the bed. The results of the calculations are shown in table A.1. The following can
be observed:

1. Correspondence with experimental results is reasonable, especially for the less exothermic case for
full oxygen conversion by combustion. (Cases 1, 2 and 3.)

2. For the reaction mixture for which more heat is released in case of full conversion of oxygen (the
reaction mixtures with a high fraction of oxygen), the correspondence is less; the assumption of
isothermicity thus might not be valid. Therefore, nonisothermal simulations have been conducted,
which are also represented in table A.1.

3. The results for the nonisothermal case are almost the same as those calculated for the isothermal
case, although in the nonisothermal case the temperature reported was the maximum temperature
obtained and the average temperature in the reactor is significantly lower. This speaks in favour of
the method applied by Stansch for reporting the temperature of the reaction.

Another thing that should be mentioned is that there is no full correspondence of the calculated results
with the results calculated by Tye et al. A possible explanation for this could be that Tye et al. considered
the superficial velocity, dependent on both net production of moles of gas and on thermal effects due to
the reaction, to be a constant. The current model is too sophisticated to adapt it quickly to see if when
making this assumption the same results are obtained; it would be faster to rebuild the model of Tye et al.
in for example MathCad.

However, for now the most important thing is that the simulations done in this work correspond rea-
sonably with the experimental values reported, which is the best that can be expected for these low values
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Table A.1.: Comparison of simulated results with results as given by Tye et al. [TMB02]. Condi-
tions: mcat

V̇ST P
= 3.70kgs/m3, thermal dehydrogenation of ethane only taking place in

the bulk gas fraction.

Runs
1
(750◦C)

2
(800◦C)

3
(830◦C)

4
(750◦C)

5
(800◦C)

6
(830◦C)

Feed mole ratio
x CH4 0.612 0.612 0.612 0.699 0.699 0.699
x O2 0.051 0.051 0.051 0.095 0.095 0.095
x N2 0.337 0.337 0.337 0.206 0.206 0.206

CH4conversion (%)
Experimental 4.9 7.9 9.9 4.1 7.1 14.4
Simulation, Tye 4.9 8.5 10.9 3 5.8 13.7
Simulation, this work 4.2 7.0 8.6 6.3 11.0 15.1
Simulation, this work,
nonisothermal

6.9 9.9 12.3

C2 selectivity (%)
Experimental 55.6 69.2 72.5 35.6 53.7 69.6
Simulation, Tye 54.6 64.5 66.4 31.7 46.4 58.9
Simulation, this work 55.8 64.3 64.4 33.2 43.3 44.4
Simulation, this work,
nonisothermal

34.5 43.0 43.4

C2 yield (%)
Experimental 2.7 5.5 7.2 1.5 3.8 10
Simulation, Tye 2.7 5.5 7.3 1 2.7 8.1
Simulation, this work 2.3 4.5 5.5 2.1 4.8 6.7
Simulation, this work,
nonisothermal

2.4 4.3 5.3
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of the space velocity, having a large potential experimental error. This is because of the high sensitivity of
the conversion to space velocity in this region.

A.2. Validation of the model by comparison with the analytical approximation
for maximum temperature in reverse flow

A.2.1. Analytical approximation

Nieken et al. [NKE95] present limiting cases to predict key parameters in the operation of reverse flow
reactors for the simple case of a first order reaction. In the current discussion, the treatment as given
by Nieken et al. is even further simplified by eliminating the dependence on temperature of the reaction
rate. Assuming full conversion before the middle of the reverse flow reactor is reached, the maximum
temperature for the case of infinitely short switching times is then given by:

(−∆Hr) · ṁ2 · g0

2 ·Mj ·A2 ·λeff
=

∫ Tmax

T0+∆Tad

Mj · av ·B (Tav) dT ∗ (A.1)

Note that there is an important difference with the work of Nieken et al: the lower boundary for the
integral is given by T0 + ∆Tad instead of T0 + ∆Tad/2. The cause of this is the assumption of infinitely
fast exchange of heat between the solid and gaseous phase, caused by adopting the pseudohomogeneous
model. The concept of λeff might also be different between the current approach and that of Nieken et
al. [NKE95], but no further attention needs to be paid to this because it was derived from the equations as
given by Smit [Smi06] for the case of the HFSM (pseudohomogeneous model) that indeed equation A.1
can be used for the current case, given the value of λeff . For the latter equations as given by Smit [Smi06]
will be used for full model, although for the validation given in this section it is fixed.

When assuming independence of the reaction rate on the temperature equation A.1 can be further
simplified and be rewritten into:

Tmax =
(
T 0 + ∆Tad

)
+

(−∆Hr) · ṁ2 · g0

2 ·M2
j ·A2 ·λeff (av ·B (Tav)))

· 1

Dil
(A.2)

Equation A.2 introduces the dilution factor, giving the fraction of carrier material that acts as catalyst; e.g.
a dilution factor of 0.1 means that the catalyst is 10 times less active than the catalyst as was used by
Stansch et al. [SMB97].

A.2.2. Elaboration

Table A.2 gives the coefficients for the parameters used in equation A.1 along with comments on their
source. The reaction used is basically the combustion of methane in a strongly diluted stream of oxygen
in methane.

CH4 + 2O2 → CO2 + 2H2O (A.3)

The kinetics used for this reaction were loosely based on the kinetics as given by Stansch, although the
reaction order of oxygen was set to one and the dependence on the exact partial pressure of methane was
eliminated.

From the numbers given in table A.2 it is straightforward to calculate that when plotting Tmax against
1

Dil
, the intercept is given by 522 K and the slope is given by 17.8 K. Plotting the results in this way

allows for separate study of possible defects in ∆Tad and the combination of the other variables.

A.2.3. Results

Some numerical results of comparing the calculated results are shown in figure A.2.3. The same results
are shown in table A.2.3. It can be seen that the results agree fairly well.
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Table A.2.: Coefficients for use in equation A.1

Variable Value Comments

∆Hr -400 kJ/mol Reaction enthalpy per mole oxygen reacting.
ṁ
A 0.85 kg/m2/s When pressure drop is allowed, this gives a reasonable

pressure drop of 0.2barfor L = 1.2m.
L 1.2 m Length of the reactor. Value inspired by Smit [Smi06].
P 1.2 bar Imposed constant pressure within reactor, similar to ex-

perimental conditions of kinetics.
g0 0.0101 Low enough to avoid excessive temperatues.
Mj 0.015 kg/mol The molar mass of all components was set constant and

equal to this value to ensure that the partial pressure is
proportional to the mass fraction.

λeff 8 W/m2/K Follows from a lengthy calculation using actual model
equations, is now set fixed.

av 3333 m2/m3 The specific surface; it is easily derived that for a packed
bed this is calculated from 6

dp · (1−ε) . Calculated for parti-
cles with d = 3mm

B(Tav) 1.366 · 105 mol O2/m3/s Calculated from A0 exp
(

Ea

RT

)
· ρbulk,cat

av
·P 0.24

CH4
, with A0 =

2.00E − 6 mol/g/s/Pa0.24, Ea = 48 kJ/mol, R =
8.31 J/molK, T = 973 Kand ρbulk,cat = 2160 kg/m3.

Cp 1200 J/K/kg Chosen value.
∆Tad 224 K For estimation simply divide reaction enthalpy per gram

mixture by the heat capacity
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Figure A.1.: Comparison of calculated results for both the analytical solution and solution using
the numerical model of equation A.2, using the parameters of table A.2
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Figure A.2.: Demonstration of the divergence of the simplified dynamic model. Startup condi-
tions: top: converged HFSM followed by first a full switching time to the right;
bottom: converged HFSM followed by first a half switching time to the right

A.3. An inconsistency in the model

An inconsistency in the model that should be reported here is that results are not exactly the same if
flow goes from the end of the reactor towards the beginning instead of the other way around. This was
demonstrated using the simplified case as was used for validation of the calculated maximum temperature
in a reverse flow reactor, as described in this appendix. When running the dynamic model, the result is
convergence to a difference, as is demonstrated by figure A.2. This figure shows the outlet temperature at
the end of a cycle; apparently the model converges to a minimum. One might suspect that this could have
something to do with the grid refinement. Indeed, when setting the grid fixed (using an arctangentional
grid refinement to allow for sufficient grid cells in the region of chemical reaction) the result as shown in
figure A.3 is obtained, which does seem to converge to a shared value. However, when looking carefully
at the raw data, it is seen that even with a fixed grid the results are not exactly the same for forward and
backward blow directions, which from a computational point of view should be impossible. At present is is
suspected that there is a small mistake in the WENO schemes applied, an effect which can be amplified by
the grid refinement. (Generally, the grid of even the HFSM is not completely symmetrical when applying
grid adaptation.) However, checking the numerical scheme is, from a practical point of view, a task too
ambitious for the current project. It was therefore chosen to proceed with the current model, including
the automatic grid adaptation, which will provide valuable information, despite the possibility of a small
deviation of the results.
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Figure A.3.: Demonstration of outlet temperatures for the simplified dynamic model with fixed
grid. Left: after HFSM convergence first a full blow to the right. Right: after HFSM
convergence first a half blow to the right.
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B. Double packed bed: dead end reactor

Packed beds for both steam reforming and oxidative coupling have been discarded as an option. However,
still it is the author’s opinion that is is good to have and idea of what such a reactor would look like, thus
of what has been discarded. The following is the original description of one of the first designs made.

B.0.1. Considerations

A first suggestion for the configuration of a combined reactor is given in figure B.1. The advantages of this
type of reactor are expected to be the following:

• Possibly turbulent flow in the methane(/oxygen) feed tube. This has been designed to assure good
oxygen/methane premixing before entering the catalytic zone, to avoid reaction at the wall as de-
scribed by Coronas et al. [CMS94b]. Residence time in the premixing tube must be low in order to
avoid gas-phase reaction.

• The dead-end reactor configuration has been chosen mainly to avoid problems due to thermal ex-
pansion.

• Cocurrent flow of the SRM has been chosen in order to remove the initial heat front at the start of
the OCM reaction. In industrial, large scale tubular top-heated steam reformers it is also common to
inject the SRM gas at the hot part of the reactor, allowing a large reaction rate over a large portion
of the tube. [HLW00]

• The dead-end design will allow to adapt relative residence times by changing relative diameters.

A probable disadvantage of this type of reactor is difficulties in measurements of temperatures in situ,
since it is difficult to place a thermocouple without piercing the walls. The dead-end principle, in fact is
already applied in high-pressure SRM. An industrial design is given by Häussinger et al. [HLW00]. The
elevated pressure of 0.3-0.5MPa provides higher heat transfer coefficients.

As described in section 6.3, the option of using a fixed bed for both the steam reforming and the
oxidative coupling has been discarded because of the possibly delicate operation.
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Methane feed
high speed
−low residence time
−good mixing

Oxygen permeable membrane/tube

Oxygen reservoir (with purge?)

OCM reaction section

(Partially) impermeable wall

Impermeable wall

Steel wall
−six corners for stackabily
−possibly high pressure

O2

OCMOCM

SRM SRM

Concept dead end reactor

Flow for:
−purge
−ability to remove oxygen from reactor by purging

Advantages:
−Possibly turbulent flow for good
  fast mixing of CH4 and O2
−No parts attached at both ends,
  eliminating problems with thermal expansion
−Stackability
−Cocurrent of SRM to remove initial heat front

Figure B.1.: Dead-end reactor concept for combination of SRM and OCM.
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C. Adiabatic temperature change for OCM reactions

In order to check the thermodynamics as programmed into the model as well as the stoichiometry for the
individual OCM reactions as given by Stansch et al. [SMB97], the adiabatic temperature change of the
individual reactions was calculated twice.

The first calculation was done using Aspen, using the stoichiometric reactor (with a heat duty of zero,
basically setting it to adiabatic behaviour). Because of the very high heat effects it was necessary to dilute
the reaction mixture, which was always chosen to be in stoichiometric ratio, with nitrogen. Otherwise
the steep temperature change would cause the model further developed in this work to crash (by working
out of the bounds of applicability of the relations used), and in case of an endothermic reaction the
temperature would drop to very low temperatures causing even the Aspen simulation not to converge.

The second calculation was done using the model, for which the heat transfer coefficient for the gas
phase to the wall was set to zero. Secondly, because the temperature at the inlet is fixed, it was necessary to
apply an inert zone at the inlet of the reactor, which acted as a thermal barrier, inhibiting heating or cooling
of the reaction front by conduction. (Another option would have been to set the thermal conduction of
the pseudo-homogeneous gas phase to zero.) Visual inspection was used to see if the temperature profile
at the inlet was flat. For the calculation of course only one reaction was allowed at a time. In order to
ensure full conversion of the reactants the reaction rates were increased temporarily artificially.

The inlet conditions are given in table C.1, together with the calculated results. Inlet temperature was
always 700◦C, inlet pressure was 1bar for the Aspen simulation. For the model the pressure varies in the
range 1-1.2bar along the tube. However, because of the high dilution the molar gas flux is relatively inde-
pendent on the conversion, making the enthalpy and thus the adiabatic temperature change independent
of pressure for (ideal) gases at low pressure.

It can be seen that the results correspond very well; it can therefore be concluded that for the individual
reactions both the stoichiometry and the thermodynamic properties of the elements involved have been
implemented correctly.

In order to see if the calculations would also work for multiple reactions, the adiabatic temperature
change was also calculated for all 10 reactions as given by Stansch et al. [SMB97] occurring simulta-
neously. (Inlet composition: xO2 = 0.1, xN2 = 0.2 and xCH4 = 0.7.) A first indication is an adiabatic
temperature rise of 450-510◦C. The overall reaction as simulated thus is strongly exothermic, as it is
reported to be in literature [SMB97, DSF+92].

As a final check, right before producing the results represented in this work, the same calculations
performed here for a single tube were repeated for the membrane reactor, using either the combustion of
methane or the coupling of methane to ethane (reactions (2.1), eqrefeq:stansch2 and (2.2) on page 2.1,
respectively). The results agree with those previously calculated.
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Table C.1.: Comparison of adiabatic temperature change as calculated with the model and with
Aspen [Tec05] for the OCM reactions as given by Stansch et al. [SMB97]. Inlet
temperature 700◦C.

Reaction Inlet compo-
nents

Mole fractions Ad. Outlet
temperature,
model (◦C)

Ad. Outlet
temperature,
Aspen (◦C)

1 CH4 0.0159
O2 0.0317 1072.0 1072.0
N2 0.9524

2 CH4 0.0163
O2 0.0041 742.7 742.6
N2 0.9796

3 CH4 0.0161
O2 0.0161 829.8 829.9
N2 0.9677

4 CO 0.0163
O2 0.0081 839.3 839.1
N2 0.9756

5 C2H6 0.0082
O2 0.0041 725.7 725.6
N2 0.9877

6 C2H4 0.0081
O2 0.0163 884.1 883.9
N2 0.9756

7 C2H6 0.0083 664.2 664.1
N2 0.9917

8 C2H4 0.0081
H2O 0.0163 643.0 642.6
N2 0.9756

9 CO 0.0161
H2O 0.0161 717.2 717.1
N2 0.9677

10 CO2 0.0161
H2 0.0161 682.7 682.5
N2 0.9677
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D. Calculation of umf

The minimum superficial velocity required to fluidize the bed, is calculated with the help of the work of
Kunii and Levenspiel [KL91]. First of all the type of particles needs to be characterized.

Patil [Pat05], uses a catalyst with an umf as small as 0.271cm/s at 600◦C and atmospheric pressure
for a mixture of catalyst- and (mainly) inert particles (alumina) with a mean particle size of 92µm. Chen
et al. [CYE03] use for their modeling of a fast fluidized bed a particle diameter of 186µm with a particle
density of 2270kg/m3 for a (more conventional) Nickel-based (Ni/Al2O3) catalyst. In the current work
the intention is to use a bubbling fluidized bed, not a fast fluidized bed. Hence, umf will be calculated for
these catalyst particles. For very small particles (Rep,mf < 20), a relation for umf is given by [KL91]:

umf =
d2

p (ρs − ρg) g

150µ

ε3
mfφ2

s

1− εmf
(D.1)

For the calculation, a temperature of 780◦C is assumed. First of all, the viscosity of the steam reforming
gas is estimated by using only the viscosity of steam at 780◦C and 1bar pressure. This was found from the
data of NIST [ELF] to be 39.6 µPas. (And 28.6 µPas for 500◦C.) The density of the gas was calculated
from the gas composition for the outgoing stream of steam reforming gas at 780◦C at 1bar as given in
table 9.2 to be 1.1 kg/m3. Because the shape factor is unknown, an approximation will have to be used
which is also given by Kunii and Levenspiel [KL91] (for fine particles):

umf =

(
µ

ρgdp

)
·
[
(33.7)2 + 0.0408 ·Ar

] 1
2 − 33.7 (D.2)

In this, Ar is the Archimedes number, which is calculated from:

Ar =
d3

pρg (ρs − ρg) g

µ2
(D.3)

=

(
182 · 10−6

)3 · 1.1 · (2270− 1.1) · 9.81

(39.6 · 10−6)2
= 94.1

Thus, now umf follows from:

umf = umf =

(
39.6 · 10−6

1.1 · 182 · 10−6

)
·
[
(33.7)2 + 0.0408 · 94.1

] 1
2 − 33.7 = 1.12cm/s (D.4)

Taking a superficial velocity of three times umf , the superficial gas velocity is now found to be 3.3cm/s.
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E. Porous tube oxygen flux

For the majority of calculations in this work, the oxygen flux has been imposed. Following the example
of Smit [Smi06], the dusty gas model is used to give an estimate of what fluxes would be realistic for a
porous tube. Since the pressure drop as calculated is relatively low, for the current estimation the pressure
will be considered constant on both sides of the tube wall.

As Smit already describes, the distributor tube does not necessarily need to be a ceramic tube; it could
also be sintered metal filters or tubes with discrete holes. However, in order to suppress side-reactions a
ceramic tube is chosen in this case. Smit indicates that the tube should be resistant to high temperatures.
Moreover, a good distribution of the gas must be ensured by a proper flow resistance of the membrane or
filter.

As an example, the same ceramic membrane as used by Smit was used. The permeation rate is calcu-
lated according to the Dusty Gas Model, as introduced by Mason and Malinauskas. The relation to be used
is taken directly from the work of Smit [Smi06]:

J =
1

Rg ·T tw

(
K0

4

3

√
8RgT tw

π 〈Ms〉 + B0
ps

g + pt
g

2ηs
g

) (
ps

g − pt
g

)
(ri + δm) ln

(
ri+δm

ri

) (E.1)

The values of the relevant coefficients are given in table E.1. The viscosity ηg,s was estimated to be
39.6 µPa · s. The molar flux found is then 7.73 · 10−3 mol/m2/s. The molar flow through the membrane
wall found is then found from multiplication with the membrane surface to be 1.8 · 10−4 mol/s. The to-
tal required flow of oxygen for operation of the base case used in this work, however, is 9.5 · 10−4mol/s.
Thus a modification of the membrane as used by Smit [Smi06] is needed. The similar order of magni-
tude, however, is promising. When using the parameters as used by Spek [Spe07] (B0 − 2.02 · 10−15,
K0 = 2.47 · 10−8 and η = 1.77 · 10−5Pa · s, the latter actually derived for nitrogen), an O2 flow of
15.5 · 10−4 mol/s is found. The finding of a suitable ceramic membrane for the operation of the oper-
ation studied thus is very plausible.

Table E.1.: Variables for use in the dusty gas model, equation (E.1)

B0 6.9 · 10−16m2 K0 2.24 · 10−9m
δm 65 · 10−6m
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F. Physical properties

Physical properties not mentioned here were generally taken from the work of Smit [Smi06]. The particle
density of the catalyst (3600kg/m3) was taken from the work of Stansch [SMB97] and multiplied with
0.6 to correct for porosity.

F.1. Thermal properties of CaO

For simulating the catalytic bed, three thermal properties of solid CaO, the carrier of the catalyst, are
required. These are the thermal heat capacity, the thermal heat conductivity and the emissivity. The
thermal heat capacity and conductivity are given by Daubert and Danner [DD85]. They can both be
calculated using the power law as given in equation (F.1), in which Y is the desired property and T is the
temperature in K. The coefficients to this equation are given in table F.1.

Y = A + B ·T + C ·T 2 + D ·T 3 + E ·T 4 (F.1)

The molar mass of CaO (burnt lime) is 56.0774 kg/kmol [DD85].

Table F.1.: Coefficients for heat capacity and thermal conductivity of CaO [DD85]

Property Units A B C D E T-range (◦C)

Cp J/kmol/K 4.7250E+04 6.8000E+00 -5.6700E-04 0 0 327-2900
λ W/m/K 1.0242E+01 -4.3696E-03 1.5000E-06 0 0 800-1000
λ W/m/K 2.0330E+01 -3.3523E-02 2.9296E-05 -8.7500E-09 0 200-800

The emissivity of CaO (pigment) can be found from table F.2. Surprisingly, a decrease in emissivity with
increasing temperature is shown for multiple pigments including Al2O3, although in the current model the
emissivity of the latter compound is set a constant. It has to be checked if this assumption has a significant
influence on the model. It must also be kept in mind that values for emissivity can deviate significantly
between different sources [VDI93].

Table F.2.: Emissivity of CaO (pigment) [Sin62]

Temperature (◦C) -156.7 51.7 399 816 1093 1371

Emissivity (%) 94 96 78 27 27 27
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G. Modelling for increased troughput

For reasons of curiosity, a first attempt was made to model the reactor for the case the fluidized bed would
be operated at 500◦C. Given the increase of the temperature difference from 30◦C to about 300◦C, the
local generation of heat would also have to increase with a factor of about 10 for constant heat transfer
properties. An option for this would be to increase both the local flux of oxygen and the inflow of methane
with a factor 10. For the given tube dimensions this gives an inacceptable pressure drop and at the same
time it affects the residence time in the tube. The latter, however, could also be beneficial (if the thermal
dehydrogenation of ethane is neglected) for increasing the production per tube per hour. Hence below
a variant of this concept, increasing the flow through the tube with a factor 2.5, is shown. Avoiding the
pressure drop (and restoring the residence time) for an increase could be done by increasing the tube
diameters. However, it is feared that for this case the 1-D assumption will fail and that a distinct radial
temperature- and concentrationprofile will develop.

When increasing the flow with a factor 2.5, the local heat production is expected to increase with the
about same factor, and hence the temperature difference between the desired operating temperature of
810◦C and the fluidized bed was set to 3 · 30 = 90◦C, resulting in a temperature for the fluidized bed of
720◦C. Please note that for this temperature the kinetics as measured by Stansch [SMB97] (measured for
700-830◦C) is still valid.

The results for this case with increased convective transport can be seen from figure G.1. For the case
shown the entire catalytic bed was in contact with the fluidized bed. It can be seen that for the case of
single direction flow there is a significant portion (approximately 24 cm) of the catalyst section with tem-
peratures significantly below 800◦C, whereas for the HFSM result this fraction is smaller (approximately
10 cm). Another feature of the HFSM profile is that high temperature is reached after about 5 cm instead
of 24, so that the unselective combustion reaction in this CH4-rich environment is prohibited. Moreover,
since all consecutive reactions of desired products have activation energies in the order of a few hundred
kJ/mol, the temperature should be decreased as fast as possible after completion of the desired reac-
tions, a feature which is accomplished better by the reverse flow operation than by the single direction
flow. Hence this special case serves as a demonstration of the benefits originally expected from the use of
reverse flow in this type of reactor, apart from the possibility of cooling in an inert packed bed.

73



 720

 730

 740

 750

 760

 770

 780

 790

 800

 810

 0  0.1  0.2  0.3  0.4  0.5  0.6  0.7  0.8  0.9  1

T
 (

C
)

Position (m)

Figure G.1.: Demonstration for flow rates increased with a factor 2.5 and reduced fluidized bed
temperature of 720◦C
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H. Some modifications to increase the speed of convergence of
the model

This appendix describes some tricks implemented into the model. They are simple in nature, but resulted
in significant time savings in reaching convergence. This has been especially useful in debugging sessions.

H.1. Larger minimum timestep

When observing the model at work, it was observed that, after changing the flow direction, very roughly
half the time spent on calculating until the next change of direction, was used for solving the mass balances
with a typical time step in the order of 0.001s which was the set minimum. After the mass profiles would
become relatively constant, the temperature profile would be solved at a typical timestep of at least 0.1s.
A typical switching time, however, would be in the order of a few hundred seconds. Hence far too much
time was spent on calculating a relatively insignificant phenomenon. The practical approach was then
taken to increase the minimum timestep to 0.1s for most simulations.

H.2. Initial high tolerance

For converging to a steady state solution, the HFSM uses the same time-stepping algoritm the DM does.
The point is that no accurate solution is needed untill the steady state solution is found. Therefore, a small
extension of the model was made that would initially set the tolerance for the energy and mass balances
relatively high, which effectively reduced the number of iterations taken per timestep. After convergence
was reached (zero iterations and maximum time step for four consecutive timesteps), the tolerance was
reset to default and calculations were continued with this much better initial guess. Implementation of
this extension has saved roughly 30% of the time required for HFSM convergence. This method however
is not suitable if multiple steady states exist and the one resulting from a given starting condition needs to
be found; the iteration might overshoot this solution.

H.3. Initial high timestep for HFSM

Since only the steady state is of interest for the HFSM, accurate solution of time steps is not required. The
algorithm used for solving the HFSM is the same as that for the DM and is based on time stepping. The
time step increases by 10% if increasing the timestep does not severely affect accuracy. But when starting
at 0.001s for the HFSM, many timesteps are required before a reasonably big timestep, even if clearance
to increase the timestep is given at every timestep. Therefore the minimum timestep for the HFSM was
set to 5 s. After HFSM convergence was reached, before switching to the DM the minimum timestep was
reset to (usually) 0.1s.

H.4. Initial high tolerance for DM

A possible procedure to obtain the cyclic steady state for reverse flow is to start from a converged HFSM
solution and then start cycling, as was also described in another appendix. First of all it is noted here
that it would be wise to use only half a switching time for the first blow, since the HFSM solution has
similarities with the temperature profile obtained for the DM when the cycle is half-way through. Now
the point is that it typically it takes very many cycles to simulate the transfer from a HFSM solution to a
cyclic steady state for the DM. Nieken et al. [NKE95] mention 200 cycles as an indication, but do not give
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a definition for convergence. For these cycles between the HFSM solution and the DM cyclic steady state
the exact results are not of interest to the current project. Therefore, similar to the case for the HFSM,
after HFSM convergence first a predefined number of cycles is calculated with a high tolerance, reducing
the number of iterations per timestep (and also reducing accuracy). This should result in a better initial
guess for the temperature profile in the DM. After the predefined number of cycles with high tolerance
has been run, a predefined number of cycles with default tolerance was run. There has been no extensive
testing with this method, which in itself looks promising. Neither was a convergence criterium included
into the model itself, or was too much time spent on finding the “holy grail” of reverse flow calculations,
which would be an instantaneous solution of the DM cyclic steady state profile. Thus, on the part of DM
convergence, some work still can be done, although the added value of this, partly due to the advent of
faster computers, should be carefully considered.
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I. Overall heat balance for CH4: O2= 3

As an addition to chapter 9.1, the situation for CH4: O2= 3 is calculated here. The composition of the
outgoing stream of the OCM reactor was based on the isothermal calculations with T=810◦C and a reactor
length of 1m. Further dimensions are given in appendix N, from which it can be concluded that the inflow
of methane into the OCM tube also was somewhat lower. The corresponding compositions are given in
table I.1. For this tube 330W heat is produced. The heat required is 231W per tube for steam reforming
up to 500◦C and 485Wfor steam reforming up to 780◦C. Thus in this case the heat requirements more or
less match at the expense of a loss of selectivity in the OCM reaction tube.

Table I.1.: Upper table: Composition for OCM outlet for thermodynamic calculations. Lower:
Stream compositions for the example for steam reforming (mole fractions).

Mole fractions at outlet of OCM reactor
O2 CO2 H2O CH4 CO H2 C2H6 C2H4

0.00 0.04 0.40 0.29 0.00 0.06 0.02 0.18

Mole fractions after removal of C2H4and C2H6: inlet stream SRM
O2 CO2 H2O CH4 CO H2 C2H6 C2H4

0.00 0.05 0.50 0.36 0.01 0.08

O2 CO2 H2O CH4 CO H2

Feed stream, 100◦C 0.0 0.026 0.745 0.186 0.003 0.040
Steam reformed, 500◦C 0.0 0.088 0.490 0.085 0.011 0.326
Steam reformed, 780◦C 0.0 0.072 0.355 0 0.084 0.489
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J. Reactor design: conceptual approach

A conceptual approach using unit operations has been used to come up with a basic reactor design. The
main conclusions are given here.

J.1. Both catalysts in the same space: SRM followed by OCM

J.1.1. Concept

The first concept that was considered was the case shown in figure J.1. It represents a porous support
layer. On the right, this support layer has been impregnated with SRM catalyst. On the left, it has been
impregnated with OCM catalyst. In between there is an inert porous support layer, which ensures a thermal
connection between the SRM and OCM catalyst.

The idea is that the ethane and ethene formed by the OCM catalyst should not contact the SRM catalyst
since typically a nickel catalyst is also used in prereforming of hydrocarbons for syngas production [Chr96].
Therefore, on the right hand side there is a slight overpressure. This should induce a flow from right to
left which prevents oxygen from reaching the SRM catalyst by diffusion. Oxygen, flowing in from the left1,
can however reach the OCM catalyst by diffusion. Oxygen partial pressure should be low to ensure good
selectivity towards ethane and ethene.
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Figure J.1.: Schematical representation of first base case, including translation to Aspen

J.1.2. Results

Multiple configurations were tested by solving basic mass balances with Aspen. For the sake of brevity
these calculated results and the (more or less trivial) approximations used are not given here. The main

1Since at this point only unit operations are considered, it is not given how this would exactly be done.
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conclusions are as follows:

• The extent of the SRM reaction needs to be limited, since if equilibrium is reached at typical tem-
peratures for OCM no CH4 is left for the OCM reaction. SRM, however can according to Gallucci,
Paturzo and Basile [GPB04] also be operated in a temperature range of 300-500◦C, possibly limited
by kinetics.

• (Obviously) steam will reach the OCM catalyst. It is not known if this would destroy the catalyst.

• (Obviously) hydrogen is present in the OCM catalyst section and subsequent streams. This presents
a major safety issue and might also lead to significant consumption of O2 intended for the OCM
reaction.

• Variants to this base case, considering a separation section in between the SRM and OCM section,
do not very significantly affect the results. The basic problem is that even when assuming no neg-
ative effects on the reactions a very diluted product stream is obtained. Before C2 products can be
recovered in a cryogenic separation, CO2 and water need to be removed from the product stream.
The product stream has a high volume and moreover hydrogen is present in a stream that would
have to be separated typically in a distillation column, making this a very costly way of operation.

Because of the undesirable composition of the product stream and unknowns about the way the reactions
are affected by added components, this way of operation is discarded.

J.2. Separation of catalysts in space: OCM followed by SRM

It is trivial that if the catalysts are separated in space, allowing for a separation of chemical components
in between, OCM is followed by SRM and not the other way around; typically it would be desirable to
convert all methane and whatever other alkanes in the feed stream to synthesis gas in the SRM section.
Hence the process schemes elaborated in section 5 prevail.

From the results it is confirmed that this mode of operation gives a much less diluted product stream go-
ing to the cryogenic distillation. Also the volumetric flow rate going to the cyrogenic section is significantly
lower.

J.3. Conclusions

Based on the following two main arguments:

1. Cryogenic distillation is generally considered the method of choice to remove the C2 products from
the OCM product stream. This favours the desire for a high vapour pressure of C2 product and for
low volumetric flow going to a separation section.

2. Side reactions may be detrimental to product yield when combining the SRM and OCM catalysts in
the same space; avoiding this may require very delicate operation.

The configuration of choice is the OCM followed by SRM, with separation in between, as elaborated in
section 5. By doing Aspen simulations it has been found that for a typical reaction mixture coming from
an OCM reactor, sending all methane coming from this step to a steam reformer gives a steam reforming
process that typically requires more heat than is released by the OCM reaction. This requires special
attention in further work.
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K. Materials of construction

In general, it is reported that temperatures should not exceed 1000◦C if conventional reactor materials
are to be used.

K.1. Reactor wall

Stainless steel catalyses the burning of hydrocarbon products [LSM94]. Different materials of construc-
tion for oxygen permeating membranes in oxidative coupling of methane are discussed by Saracco et
al. [SNVS99]. Moreover, references for both catalytic and noncatalytic membrane materials are given
by Akin and Lin [AL02]. Inspiration can also be gotten from the existing cracking of hydrocarbons to
ethene process, which also operates at elevated temperatures and has to deal with coking, causing not
only problems with heat transfer but also with the stability of the metals of construction [ZW07].

K.2. Gaskets

Lafarga et al. have evaluated different materials for use for gaskets in an oxygen rich environment and
finally selected graphite for this purpose. Also by design the surface exposed to hot oxygen has been
minimized.

The problem finding the right sealing materials in itself is a good reason to look for a reactor concept in
which the outlet and inlet temperature of the reactor are low. This would allow to use for example silicon
rubber as gaskets. [FEHA99]

K.3. Catalyst carrier

Catalysts carriers made of monolithic material can suffer from thermal cracking [SHK02]. This is also why
Frauhammer et al. [FEHA99] limited the temperature in their experiments using a honeycomb monolith.
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L. Required radial diffusion of mass

The goal of this chapter is to determine if exhaustion of oxygen at could occur along the radial direction.
A worst case approach is taken for the rate of oxygen consumption. The reactor is considered to be
pseudohomogeneous. The goal is to determine the minimum value of the radial dispersion coefficient
required to obtain an acceptable oxygen concentration along the radius of the catalytic bed.

L.1. Mass balance

The steady state mass balance for oxygen for a cylindrical slab is given by (taking a pseudohomogeneous
approach with simplified kinetics):

d

dr

(
r · dcO2

dr

)
= −r ·

Dil · ρbulk,cat · kr · cn
O2

DO2

= −r ·
Kr · cn

O2

DO2

(L.1)

L.2. Reaction kinetics

The reaction kinetics are composed as follows:

• The reaction order n is the highest order in oxygen found in the kinetics of Stansch et al. [SMB97].
This is 0.96, for reaction (2.6) on page 6. In order to allow for a clear analytical solution that
approximates this situation very well (actually it provides an even worse case), the reaction order n
is set to one.

• kr · γ is determined as the sum of k0,je
Ea,j/RT pm,j

c for reactions (2.1) until (2.6), multiplied with
the appropriate stoichiometric coefficient for oxygen. The temperature is set constant at 810◦C.
The inhibiting effect of carbon dioxide as given by Stansch, thus, is neglected. Furthermore pC is
set constant at 1.2bar, the maximum pressure obtainable for any component in the reactor. The
factor γ is there between the kinetics by Stansch et al. [SMB97] and that in the current work in
order to be able to use concentrations instead of partial pressures, as Stansch et al. do. It’s value is
found from the equation for reaction velocity rc (using the ideal gas law):

rc = (kr · γ) · pi = kr · pi ·
ci

pi

γ =
ci

pi

ci =
ni

V
=

ε · pi

RT
1

γ
=

RT

ε

Working in this way it turns out that reaction (2.2) is dominant by far and kr · γ has a value of
2.66mol/kg/s ·Pa−1. Multiplication with 1

γ
then gives that kr has a value of 59.8 kmol/m3/s/kg/mol/m3.

• The bulk density of the catalyst is given by 0.6 · 3600 = 2160kg/m3.

• The catalyst dilution Dil is 0.1.

81



L.3. Solution of the differential equation

Integrating the differential equation once gives:

r · dc

dr
= −1

2
r2

(
Kr

DO2

)
· cO2 + C1 (L.2)

Since the solution of this equation is rather elaborate and only an estimate of an order of magnitude
is required, a simplification is imposed. A flat plate approach is imposed, which allows for the use of
analytical solutions provided in literature [WVSB01] for the derivation of effectiveness factors of catalyst
particles. Since there can be no diffusion through the outer wall, this wall acts as a symmetry boundary
condition. The approach now is to use the actual thickness of the catalyst section as the distance to the
middle of the flat plate. This poses less severe requirements on the part of diffusion than would actually be
the case for diffusion through the cylindrical slab; if problems occur here, they are certainly to be expected
for the situation in the actual catalyst section.

Having taken the approach taken here, the next step is to calculate the Thiele modulus Φ. For this as
a first approximation the typical value of DA = 0.1cm2/s [WVSB01], which is the diffusion coefficient in
the gas phase (neglecting possible enhancement by convection) is used.

Φ = δ

√
Kr

DA
≈ 0.006 ·

√
1.3 · 107

10−5
= 6.8 · 103 >> 1 (L.3)

This means that, for this worst case considered, all oxygen reacts in a very thin slab next to the membrane
wall and no oxygen reached the tube wall. Not in this flat plate approximation and not in the actual
cylindrical catalyst section. On the other hand it should not be forgotten that the power nj for reaction
(2.2), the most dominant contribution to Kr, is not 1 but 0.4; this also has a major effect on the conversion
factor 1

γ
since

(
cO2 · 1

γ

)n

= pn
O2

. However, elaboration of the full mass transport is left for future work,

and a strong indication is obtained here that this should be one of the first things to be considered.
In order to get a first indication if this would be worth the trouble, instead of a reaction order of one,

a reaction order of 0.5 in O2 (again for all reactions) is considered here. Relations for the Thiele modulus
for non-first order reaction kinetics are given by Westerterp et al. [WVSB01]. A catalyst slab with an
effectiveness factor of one is obtained for Thiele moduli Φ up to 0.2, for which the Thiele modulus is given
by:

Φ = δ

√(
2

n + 1

kn

DA
cn−1

A,i

)
(L.4)

Assuming the oxygen is present in it’s stoichiometric ratio CH4: O2= 4 throughout the entire reaction
section, it’s concentration is calculated from

cO2 =
1

4 + 1

ε · p
RT

=
1

5
· 0.4 · 1.2 · 105

8.31 · 1083.15
≈ 1mol/m3 (L.5)

Actually, it is lower due to the distributive feed (and reaction), but the Thiele ratio is relatively insensitive
to the induced error; far more relevant is the ratio kr

D
. The reaction rate constant as determined from

the kinetics by Stansch is now basically equal to kr · γ0.5, so that Kr is now obtained by multiplication of

2.66mol/kg/s/Pa with
(

1
γ

)0.5

. Thus

Φ ≈ 0.006

√(
2

1.5

8.6 · 104

10−5
1−0.5

)
= 642 >> 0.2 (L.6)

This indicates that the reaction is severely mass transport limited. On the other hand it can be calculated
that for the case of CH4: O2=4 the flow of oxygen out of the membrane has a radial velocity of about
2.6mm/s at the outer membrane wall. However, of course this radial velocity might have only a limited
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enhancement of transport into the bed. Moreover, most of the bed exists of particles of significant size
which are assumed to be macroporous, so that the gas-phase diffusivity gives a more reasonable estimate
than relations given for the effective radial diffusivity (without convection from the side wall taken into
account) as given by Iordanidis [Ior02] (which predict it to be a factor of about 10 higher for the given
case). It is also well known that in packed beds bypassing occurs at the walls [Ior02]. A future study of
transport limitation should thus also have a strong focus on less active catalysts, such as that studied by
Tuinier [Tui07]. However already from the above calculation it can be seen that if the reaction rate is
decreased with a factor 1000 opposed to the diluted catalyst, which would approximately be the case by
changing the catalyst used by Stansch et al. by that studied by Tuinier, and if at the same time the effective
radial diffusion by contribution of convection could be increased by a factor 10 (requiring additionally
decrease of particle diameters, in turn affecting the effective radial diffusivity), still severe reduction of
the radial dimension δ of the catalyst section would be required, although a combination of this and the
allowance of a radial gradient in oxygen concentration could also be feasible. Oxygen, it must not be
forgotten, is only a vehicle, with an order of dependence lower than 1, in the reaction scheme. Significant
reduction of the reaction velocity should be avoided because this simply reduces the conversion per kg
catalyst, but also increases the significance of side-reactions, which were shown to have a significant con-
tribution for measurements as performed by Tuinier [Tui07] for mole fractions of O2 over approximately
4% already. Last, in future evaluation it should not be forgotten that the curvature (opposed to the flat
plate approach taken here) should be taken into account and for the case of diffusion from the middle of
a cylinder to the outside makes the situation worse.

L.4. Some more considerations

The model assumes the oxygen concentration to be homogeneous along the radial position. Additionally,
Fick’s law, applied here, is basically only valid for strongly diluted systems. Moreover, the diffusion coef-
ficient was not corrected for the porosity of the bed or for any influence for transport through the bed.
However, for an order of magnitude estimation, the current approach will do. It does not give an answer
to the question how fast (considering a frame of reference moving with the flow) an acceptable steady
state concentration of oxygen at the wall is reached. The latter should also be checked in future projects.

Also note that the current discussion relates to the gas phase outside of the catalyst particles. Within the
particles diffusion limitation can still occur and should be evaluated in further work. By ensuring a rela-
tively homogeneous composition of a gas phase at a given axial position, however, apart from temperature
effects the conditions are now the same for all particles at the same axial position.
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M. Minimum required radial heat conduction

The goal of this chapter is to indicate which should be the minimum heat conduction of the catalytic bed
in the radial direction in order to keep the radial temperature difference for a given axial position within
it within an acceptable range of (say) 10◦C. Again a pseudo homogeneous approach is taken.

M.1. Energy balance and solution

In order to obtain a quick estimate, a uniform production of heat q throughout the catalyst section fed
with oxygen is assumed. Given an overall heat production of 275W per tube (including the endothermic
reaction in the post-membrane zone, which is neglected here), q is calculated from:

q =
Q

Lm · 1
4
π (d2

t − (dm + 2 · dw)2)
(M.1)

=
275

2
3
· 1

4
π (0.0252 − 0.0132)

= 1MW/m3

The steady state energy balance is given by:

−λr
d

dr

(
r · dT

dr

)
= q · r (M.2)

Given the boundary conditions that at the membrane wall (rm = 0.5 · dm + dw,m),
(

dT
dr

= 0
)
, and that at

this same outer membrane wall, T = Tm, the solution is given by:

T =
1

4

(
−q

λr

)
· r2 −

(
1

2

(
−q

λr

))
· r2

m · ln (r) + C2 (M.3)

With C2 given by:

C2 = Tm − 1

4

(−q

λ

)
r2

m +

(
1

2

(−q

λ

))
· r2

m ln (rm) (M.4)

Thus the temperature difference between the catalyst at the tube wall and that at the membrane is
given by:

∆T = Tm − Tw =

(
1

4
·
(−q

λ

))
·
(
r2

m − r2
w

)
+

(
−1

2
·
(−q

λ

)
· r2

m

)
· ln

(
rm

rw

)
(M.5)

It is seen that for large and approaching ri the solution approaches that for a flat plate, which is as
expected. Also the case for rm approaching zero behaves as expected.

M.2. Results

Using equation M.5, the minimum required radial conduction coefficient λr,req for maintaining a maxi-
mum temperature difference of 10◦C is found from:

λr,req =
1

4
·
( −q

∆T

)
·
(
r2

m − r2
w

)
+

(
−1

2

( −q

∆T

)
· r2

m

)
ln

(
rm

rw

)
(M.6)

=
1

4
·
(
−106

10

)
·
(
0.00652 − 0.01252)+

(
−1

2

(
−106

10

)
· 0.00652

)
ln

(
0.0065

0.0125

)
= 1.47W/m◦C
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The heat conductivity of the stagnant bed (including radiation) as given by the model is in the order
of 2 W/m/◦C, calculated based on the Zehner and Schlünder approach described by (among others)
Smit [Smi06], although that of the solid itself is 7.3W/m/◦C, as can be calculated from the physical
properties of CaO. This approach does not yet take into account the contribution of convective transport,
although the contribution of this transport is expected to be only limited due to the low heat capacity of
the gas. Please note that only a temperature difference within the bed is considered and that in this way
the heat transfer between bed and wall is not directly relevant here.

The question rises what λr would relate to the chosen αbw = 300W/m2/◦C. The overall heat transfer
coefficient for heat transport through a tube wall is given by [Sin03]:

1

α
=

do ln
(

do
di

)
2 ·λr

(M.7)

The model assumes that the temperature in the catalyst section is homogeneous (for a given axial posi-
tion); it is as if the volume-averaged temperature is the actual temperature over the entire radius of the
catalyst section. In the actual case, however, this temperature is only reached at a given radial position.
Finding this from volume-averaging is an elaborate procedure, and therefore another approach is taken
here. Given the chosen α and given the minimum required λr, a value for the maximum allowed di,
relating to the allowed position for the position with the volume averaged temperature, can be obtained.
Some rewriting gives:

di =
do

exp
(

2 · kw
αdo

) (M.8)

Filling out this equation, it is found that di = 0.0169m, which means that ri < rm. This means that
the chosen value of α (assuming negligible heat transfer resistance from bed to wall) relates to a λr far
greater than λr,req, which means that the choice for this high value of α reflects the assumption of a
radially homogeneous temperature profile.
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N. Changing the ratio CH4:O2

For the demonstation of the effects of changing the ratio CH4:O2 from the default value of 4 to the value
of 3, which are the same ratios as were used by Coronas et al. [CMS94b] for their membrane reactor, it
is desirable that at the same time the residence time of the system remains the same or of similar magni-
tude. Because of the stoichiometry of the reaction the calculation of residence time is not straightforward.
Although in principle the average residence time of for example a C-atom could be calculated, a shortcut
approach is taken here. The method of changing the ratio CH4:O2 chosen is to change the diameter of the
inner (membrane) tube. Looking at figure N.1 this means keeping all sizes but dm the same. In this way
the flux through the membrane can remain the same.

The old and new values of the diameters along with the characteristic fluxes are given in table N.1.
The calculation itself, using an increase the inner diameter of the inner tube untill the ratio in overall
molefluxes to obtain an overall mole feed ratio as desired, is relatively straightforward and is not given
here. It is important to note that in practice the membrane of a tube with a porous membrane is found
on the inside of the tubing and hence the flux on the inside of the tube was set fixed; hence the flux in
the model, which relates flux to the outside of a tube, has to be adjusted. Due to the quadratic increase of
the inlet surface of the O2 tube combined with the linear increase of the outer surface with the increase of
the tube diameter, in principle the inlet flux of the O2 tube could have been lowered a bit to 0.27kg/m2,
but because of the relatively small influence of the remaining small stream on the termal properties of the
reactor this stream was left as it is. In the situation of the ratio CH4:O2=4 the flux of O2 is such that there
is an inflow into this tube that is 10% larger than that needed for flux through the membrane. This was
done to avoid numerical problems and can be left out in reality.

For the estimation of residence time, the flux through the catalytic section is considered. Thus, for the
inlet section, it is simply the inlet flux of methane. After reaction, in the outlet section, a good estimate is
considered to be the sum of the overall inlet mole flow of methane and oxygen. For the catalytic section
then, since the flux of O2 through the membrane is considered constant, it is then the average of the fluxes
of the inlet section of the inlet and outlet section. The total residence time then is the sum of the residence
times for these three sections. This was calculated at a constant temperature of 800◦C and a pressure of 1
bar to be 0.94sfor the case of a molar ratio of CH4:O2=4 and to be 0.91sfor the case of a molar ratio of
CH4:O2=3. This was considered to be sufficiently close to legitimately avoid modification of the inlet flux
of methane for the case of CH4:O2=3.

Table N.1.: Size of tubing for different overall molar feed ratios

Variable Value for CH4:O2=4 Value for CH4:O2=3

dm 0.0110m 0.0129m
dw,m 0.001m 0.001m

dc 0.025m 0.025m
dw,t 0.001m 0.001m

ΦO2,m,inner 0.00132kg/m2/s 0.00132 kg/m2/s
ΦO2,m,outer 0.00112 kg/m2/s 0.00114kg/m2/s

Φm,in,CH4 0.17kg/m2/s 0.17kg/m2/s
Φm,in,O2 0.352kg/m2/s 0.352kg/m2/s

Lm
2
3m 2

3m
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Figure N.1.: Configuration with concentric tubes showing the measures used in the description
of this paragraph
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